An investigation into the effect of melting zone mixing intensity on refining in an attached refining launder by Ross, Nigel Graeme
University of Wollongong 
Research Online 
University of Wollongong Thesis Collection 
1954-2016 University of Wollongong Thesis Collections 
1998 
An investigation into the effect of melting zone mixing intensity on refining 
in an attached refining launder 
Nigel Graeme Ross 
University of Wollongong 
Follow this and additional works at: https://ro.uow.edu.au/theses 
University of Wollongong 
Copyright Warning 
You may print or download ONE copy of this document for the purpose of your own research or study. The University 
does not authorise you to copy, communicate or otherwise make available electronically to any other person any 
copyright material contained on this site. 
You are reminded of the following: This work is copyright. Apart from any use permitted under the Copyright Act 
1968, no part of this work may be reproduced by any process, nor may any other exclusive right be exercised, 
without the permission of the author. Copyright owners are entitled to take legal action against persons who infringe 
their copyright. A reproduction of material that is protected by copyright may be a copyright infringement. A court 
may impose penalties and award damages in relation to offences and infringements relating to copyright material. 
Higher penalties may apply, and higher damages may be awarded, for offences and infringements involving the 
conversion of material into digital or electronic form. 
Unless otherwise indicated, the views expressed in this thesis are those of the author and do not necessarily 
represent the views of the University of Wollongong. 
Recommended Citation 
Ross, Nigel Graeme, An investigation into the effect of melting zone mixing intensity on refining in an 
attached refining launder, Master of Engineering (Hons.) thesis, Department of Materials Engineering, 
University of Wollongong, 1998. https://ro.uow.edu.au/theses/2474 
Research Online is the open access institutional repository for the University of Wollongong. For further information 
contact the UOW Library: research-pubs@uow.edu.au 
NOTE
This online version of the thesis may have different page formatting and pagination 
from the paper copy held in the University of Wollongong Library.
UNIVERSITY OF W O LLO NG ONG  
CO PYRIGHT W ARNING
You may print or download ONE copy of this document for the purpose of your own research or 
study. The University does not authorise you to copy, communicate or otherwise make available 
electronically to any other person any copyright material contained on this site. You are 
reminded of the following:
Copyright owners are entitled to take legal action against persons who infringe their copyright. A 
reproduction of material that is protected by copyright may be a copyright infringement. A court 
may impose penalties and award damages in relation to offences and infringements relating to 
copyright material. Higher penalties may apply, and higher damages may be awarded, for 
offences and infringements involving the conversion of material into digital or electronic form.
An Investigation into the Effect of Melting Zone Mixing 
intensity on Refining in an Attached Refining Launder
A thesis submitted in fulfilment of 
the requirements for the award of the degree




Nigel Graeme Ross, B.E.
Department of Materials Engineering
1998
CANDIDATE'S CERTIFICATE
This is to certify that the work presented in this thesis was carried out 
by the candidate in the Department o f Materials Engineering at the 
University o f Wollongong, and has not been submitted to any other 
university or institution for a higher degree.
Nigel Ross
Acknowledgments
In submitting this thesis I would like to extend my thanks to a number of 
people for their support throughout this research project. First, I would like to thank my 
God for helping me to retain a small portion of my sanity and for giving me the focus 
and determination to finish this work.
Without the support and encouragement of Dr. Geoff Brooks this thesis would 
not have reached the standard to which it is now. Thank you for all your helpful 
comments and critiques of my work, and for being brave enough to entrust me with this 
topic.
Many thanks to all the guys in the workshop. In particular thank you to Albert 
Bult, Ron Kinnel and Jose Gonzalez. To Albert for writing my software, providing the 
hardware for the sensors and putting up with me returning time and again with 
problems associated with the software. Ron for building the perspex models for my 
study and fixing the regulator I almost wrecked. And Jose for welding up the bracing 
for my rotameter board and a gas rack for the air cylinders used in the project. Also, 
thank you for organising the supply of cylinders of air as they were needed.
Thank you also to Dr. Sharon Nightengale for allowing me to use the computer 
which drives the microwave furnace.
To my Melt Processing comrades, Dom, Stuart, Ahmed, Fengshu, David and 
Alberto - thanks for your constructive criticisms, and for helping create a friendly 
working environment in the laboratory.
Many, many thanks to my family for their never-ending support and 
encouragement from across the Tasman. Thank you also to my Aussie relatives for 
putting up with me for the six years I was at university.
Last, but by no means least, I wish to thank my friends for their friendship and 
encouragement throughout my time at the University of Wollongong. In particular I 
wish to thank Neil Cross for giving up his time to scan the colour prints printed in this 
thesis.
Not withstanding the help and support of the people mentioned above, any 
errors associated with this thesis are those of the author.
ni
ABSTRACT
Steelmaking today is carried out in batch processes. However, in 
many industries it has been found that continuous processes are more 
efficient than batch processes. In the 1960’s it was shown in the 
WORCRA, IRSID and other trials that it is possible to produce a high 
quality refined steel continuously.
The WORCRA process utilised counter-current flow of the slag 
phase with respect to the metal phase. One of the failings of this process 
that has been cited by others is low productivity. This was due, in part, to 
low mixing intensity in the melting region of the furnace. The current study 
is focussed on understanding the relationship between the melting zone 
mixing intensity and axial dispersion in an attached refining channel for a 
geometry similar to that of the WORCRA process.
An important finding of this work was that changes in the mixing 
intensity had little effect on the dispersion in the refining channel. Other 
findings include, (1) there was a decrease in axial dispersion in the launder 
as the fluid flow rate was increased, (2) tuyere gas injection in the channel 
had no apparent influence on waves travelling along the channel, and (3) 
that the discontinuous nature of the ejection of water from the exit of the 
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In the quest to improve the efficiency, productivity, and environmental 
friendliness of the process, steelmaking has advanced significantly since the production 
of steel from blooms. However, steel is still produced in batches. In the typical blast 
furnace route to steelmaking, ore, flux and coke are continuously fed into the furnace, 
from which pig iron is periodically tapped from the furnace, pre-treated in a torpedo 
ladle while being transported to a basic oxygen furnace to produce liquid steel before 
final ladle refining and casting in a continuous caster. In this route, a continuous feed at 
one end of the process and continuous casting at the other end is separated by several 
batch steps.
Another example of batch steel processing is in the electrical steelmaking 
route. Common practice is to batch feed an electric arc furnace (EAF) with scrap steel, 
melt the scrap, tap the molten metal into a ladle for treatment and transport to a 
continuous caster. A recent innovation in the electric steelmaking route is to 
continuously feed an electric arc furnace.r 1,2,3,4,51 However, this process still involves 
batch tapping of the furnace.
The world is increasingly becoming a global m ark e tp lace .A s a result, there 
is mounting pressure on businesses to reduce cost in the face of cheaper imports. One 
method is to reduce labour. According to Stubbles[7] plants producing uncoated sheet 
steel will need to aim for less than 0.5 man hours per shipped tonne of steel if they are 
to compete. New technologies may be needed in order to meet the increasingly 
stringent environmental targets, as well as reducing the time to manufacture the 
product.
The main driving force for continuous steelmaking are the expected 
improvements in process efficiency, product quality and yield.181 Batch processes are 
not necessarily the most cost effective or most efficient means of production when 
dealing with high volume product throughput. In this scale of production, continuous 
processes are usually more productive for several reasons. First, the cost of the process 
is spread over the large volume of product produced, with potential for a more compact 
reactor with more efficient use of floor space than is possible with batch processes.19,101
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This can reduce accomodation costs because the floor space requirements are lower. In 
addition to this, equipment utilisation is more efficient because the equipment is in 
constant use.1111 Second, the number of process steps are less in continuous processes, 
reducing capital costs.112,135 Consequently, the internal transport system of the product, 
and the time to produce the product, are substantially reduced.19,131 Third, continuous 
processes are suitable for automation.112,14, 151 This means that the training needs for 
employees is minimal, less specialised supervision is required191 with subsequent 
savings in labour costs.1131 A fourth reason is that the energy utilisation of a continuous 
process is potentially more efficient. There is no energy lost in reheating a piece of 
equipment which has cooled between batches. The fact that there is no reheating of 
cooled equipment means that there is no thermal cycling of the refractories.114, 151 
Thermal cycling is known to be damaging to refractory materials.
There are several ramifications from the development of a continuous 
steelmaking process. It is expected that if an electric arc furnace were used to melt 
continuously, a 55 MW furnace would produce more than one million tonnes of liquid 
steel a year.181 In order to produce that much steel today using batch processing would 
require a much larger vessel, with additional expenses in liquid metal handling utilities. 
If this were to be carried out in a continuous process, one million tonnes per year 
equates to a flow rate of approximately two tonnes per minute.
There are some disadvantages to manufacturing a product continuously. 
Systems set up to manufacture a product continuously are designed to generate high 
volumes of essentially identical products.161 Hence, there is usually little flexibility in 
the process. The inflexibility of these systems also means that if there is a breakdown 
anywhere in the process, the whole system must be shut down.191 However, with regular 
preventative maintenance this sort of problem is substantially reduced.161 The logistics 
of linking such a system together, with melting, refining and casting, would be quite 
complex.181
A continuous steelmaking process would also require a sampling and control 
system to continuously moniter the temperature and composition of the metal phase, in 
order to maintain control of the product quality. Therefore, it would be necessary for 
appropriate sensors to be developed to sample the liquid metal continuously,181 relaying 
the information back to an automated product control system.
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In terms of the actual work involved in operating a continuous process, the 
work tends to be r e p e t i t i v e .T h is  could lead to worker boredom, and may lead to 
employee aggravation and complacency in the workplace.
Overall, continuous processes have proved to be the most efficient means of 
manufacturing a product. Obvious examples include the automotive industry and oil 
refining, although many other industries have adopted the concept of producing or 
manufacturing a product continuously. This shift toward continuous processing is also 
found in the non-ferrous metallurgical industry with the QSL process for lead,1 ’ ; 
and the Mitsubishi,"6’ 191 WORCRA,1201 Vanyukov"61 and Noranda"61 processes for 
copper.
Melting, reducing and refining need to be carried out sequentially and 
continuously if continuous steelmaking is to be a viable process. If these stages are 
carried out in one vessel, then many of the advantages of continuous processing 
mentioned above can be exploited. In the 1960’s H. K. Womer developed a 
steelmaking process that utilised counter-current flow of the slag with respect to the 
metal phase and incorporated melting, reducing and refining in the one vessel.i21i It was 
shown that it is possible to produce a highly refined steel continuously, however, there 
is currently no continuous steelmaking process operating commercially. Although the 
process developed by Womer did produce a highly refined product, it was found to have 
low productivity. One of the reasons for this was low mixing intensity in the melting 
zone of the furnace. If the mixing intensity was increased, heat and mass transfer would 
be improved and lead to an increase in productivity. However, it is not known what 
effect this would have on the refining efficiency of the refining launder attached to the 
side of the melting vessel.
The purpose of this study is to understand the effect mixing in a melting vessel 
has on an attached refining launder. These vessels have different operating 
requirements. It has been indicated above that the melting vessel optimises heat and 
mass transfer within the vessel through vigorous mixing and boiling within the reactor. 
This type of vessel approximates a continuously mixed reactor and as such, the 
temperature and concentration gradients within the vessel are negligible.
In the refining launder, the operating conditions are different. For an ideal 
refining launder the fluid flow needs to be such that complete mixing is achieved in the 
vertical direction, while maintaining plug flow in the horizontal direction.113,22] There 
are two main reasons for this specific type of flow condition. Firstly, in order to prevent 
impurity carry-over into the refined metal, and secondly, to maintain concentration 
gradients in the counter-flowing fluid system. For both of these reasons it is important 
to ensure that longitudinal mixing (or axial dispersion) in the refining launder be kept to 
a minimum.
Cold modelling was used to ascertain the effect of bath mixing intensities and 
fluid flow rates on longitudinal dispersion and back mixing in a counter current refining 
launder. This was carried out both qualitatively, using flow visualisation techniques, 
and quantitatively, with the use of a thermal tracer.
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2. Steelmaking Processes
Steel is one of the most important materials in use today. There are very few 
applications in which steel is not used in one form or another. Over time the methods 
for making steel have gradually evolved.
A fore-runner for the current oxygen steelmaking processes was the pneumatic 
steelmaking process developed by Sir Henry Bessemer in the mid nineteenth century.[23, 
241 In this process atmospheric air was blown into a tiltable converter through tuyères in 
the base of the converter. Making steel by this process proved to be substantially faster 
than the then current steelmaking practices, and at less than a tenth the cost.
In the 1860’s, Karl Wilhelm Siemens (also known as Charles William 
Siemens) developed the open hearth process.f24,25] This process utilised a furnace with 
a shallow hearth, and left the metal exposed to the gas in the furnace atmosphere. In 
the open hearth process pig iron and scrap were used to produce steel of the desired 
composition.
These processes have been superseded by the steelmaking operations in use 
today. Steel is now predominantly made by either the oxygen or electric steelmaking 
routes. Less than 7% of the world crude steel is still produced by the open hearth 
method.l26]
2.1 Basic Oxygen Steelmaking
Basic oxygen steelmaking is currently the dominant steelmaking practice. 
Figure 2-1 is a schematic of the equipment setup of a typical top blown BOS plant; the 
process steps in this type of steelmaking are shown in Figure 2-2.
Refining reactions in the BOS take place in approximately twenty minutes J28] 
In that time carbon and silicon are removed from the metal phase, and lime melts to 
form a basic slag. Basic conditions are required for both the dephosphorisation and 
desulphurisation reactions. This basic slag absorbs the phosphorus and sulphur from 
the metal phase and also oxidises some manganese and iron. These metallic oxides 
become part of the slag.
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When close to equilibrium, the partition ratio of sulphur in the desulphurisation 
process is inversely proportional to the iron oxide content in the slag, or oxygen content 
in the metal.[28j This means that as the iron oxide content of the slag increases, the 
sulphide capacity of the slag decreases.[27]
The graph in Figure 2-3 is used to illustrate the removal of elements from the 
metal as a function of blowing time. In this system, the silicon oxidises preferentially to 
carbon.[28] Therefore, any oxidised carbon or iron present is reduced by the silicon 
until there is little or no silicon in the metal phase.
Only top blowing through lances has been illustrated in the diagrams of this 
section. However, in basic oxygen steelmaking, the oxygen may also be blown into the 
bottom of the vessel through tuyères, as in the Q-BOP process, or used in processes 
combining both lance and tuyère blowing, such as the K-OBM process.
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2.2 Electric Steelmaking
The use of electricity for heating in metallurgy is advantageous in several 
ways. Two examples of these benefits are:[29]
• No contamination of the metal from gaseous products resulting from 
combustion.
• High temperatures can be easily maintained and regulated. Since the energy 
source is electricity, the power can be applied and removed at will.
Electric arc furnaces have been used in metallurgical processes for over ninety 
years.i30] In that time there have been important advances in the technology. Examples 
of these improvements include the introduction of practices to foam the slag, slag-free 
tapping, bath stirring, oxygen lancing and the use of water cooled panels in the furnace 
walls.[31] Slag foaming, bath stirring and oxygen lancing will be discussed in section 
2.2.1. Tap-to-tap times used to be in the order of 3 to 8 hours, but are now less than an 
hour with energy consumptions of 380 to 400 kWh/ton.I32]
The typical production cycle of an electric arc furnace producing steel consists 
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Figure 2-3 Typical element removal during a BOS operation. [28]
alloying, heating to tapping temperature, tapping and fettling. Charging is usually 
carried out by using a charging bucket and charging into the top of the furnace with the 
furnace roof removed.i30] The scrap used to feed the furnace is usually sorted prior to 
feeding into the furnace to ensure the steel produced is of the required grade. Although 
difficult to achieve, the ideal charge is a mixture of grades of scrap with a uniform 
charge density throughout the furnace.
Once the furnace has been charged and melting down occurs, refining takes 
place under an oxidising slag.[30̂ It is during this stage that silicon, phosphorus and 
dissolved gases are removed. For high phosphorus levels in the charge, FeO should also 
be charged into the furnace with the lime in order to increase the level of oxygen in the 
bath. It is important that the slag basicity remain above 2.5 to fix the P20 5 in the slag as 
calcium phosphate. Some of the pertinent reactions in the refining stage are as follows:
Si + 2FeO  <=> S i0 2 + 2 F e (2-1)
2P  + 5FeO <=> P20 5 + 5F e (2-2)
M n + FeO <=> M nO  +  Fe (2-3)
C + FeO <=> CO +  Fe (2-4)
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The spent oxidising slag is then removed and replaced with a reducing slag to 
remove sulphur and deoxidise the bath.130̂ Desulphurisation and deoxidation occur 
simultaneously under the reducing conditions within the furnace. Calcium carbide 
forms continuously in the region of the electrodes, reacting almost instantly with the 
dissolved oxygen in the melt by reaction ( 2-5 ). Reactions ( 2-6 ) to ( 2-9 ) are other 
important reactions for this step in the process.
CaC2 + 3 0  => CaO + 2C 0 (2-5 )
CaO + S + C => CaS + CO (2-6)
2CaO + CaC2 + 3S => 3CaS + 2C 0 (2-7 )
2CaO + 2S + Si => 2CaS + S i0 2 (2-8)
2CaF2 + 2S + Si => SiF4 + 2CaS (2-9 )
Following the desulphurisation stage, alloying elements are added, the bath 
heated to tapping temperature and the furnace tapped. The refractories within the 
furnace are then repaired and the entire process starts again.
In current electric steelmaking practice, the trend is toward utilising the ladle 
for the desulphurisation and alloying steps. The main benefit of this practice is the 
furnace becomes available for another charge earlier, allowing an increase in 
production. Steps are also being taken to utilise the energy lost to the off-gases from 
the process. In order to make the best use of the off-gases, several developments have 
occurred to both preheat and pre-reduce the scrap charge. These developments include 
the construction of twin furnaces, preheating shafts and preheating chambers. An 
example of a preheating chamber is the Consteel^ process, and is discussed in section 
2 .2 .2 .
The majority of electric arc furnaces in operation today operate on alternating 
current.|33] Commercial units operate on three phase AC, but it is possible to operate an 
AC furnace on single phase supply, but these have usually only been used in 
laboratories.i301 Three phase AC electric arc furnaces operate with three electrodes
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suspended above the bath, or charge, through holes in the furnace roof. The electrodes 
are spaced at equal distances from each other, and are positioned so that the arc is not 
created between the electrodes, but is struck between the electrode ends and the bath.[j4] 
Single phase furnaces operate with two electrodes.
Figure 2-4 is an illustration of the typical AC electric arc furnace. Little has 
changed in regard to the shape, although water cooled panels have taken the place of 
many of the refractories lining the walls and roof of the vessel.
Claimed to make up approximately 70% of the new electric furnace marketj36̂ 
DC electric arc furnaces have been around for more than 100 years. ̂  In this time DC 
furnaces have improved in efficiency and productivity through advances in the 
following areas.
♦ Adoption of design features from modem high productivity AC 
electric arc furnaces.
♦ Development, and availability, of electrically conducting refractory 
materials.
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♦ The advent of thyristor technology, which allows the supply of 
reliable, low cost and efficient direct current.
A 5% power consumption saving has been claimed for DC electric arc 
furnaces when compared with an equivalent AC furnaces.{j?1 These claimed power 
savings were derived from operational data and have been accredited to the following.
♦ The use o f  only one electrode. Lower electrode losses, and only one 
water cooled electrode clamp.
♦ Only one hole in the furnace roof This enables the furnace to be better 
sealed.
♦ DC Power. The use of DC Power means that the power losses in the 
bus tubes are less, and there are no inductive losses.
♦ Bath stirring. As a result the heat transfer to the charge from the arc is 
more efficient and the heat is more evenly distributed throughout the 
furnace.
There is a stirring action associated with DC electric arc furnaces. 
Electromagnetic force are generated as the current passes from the arc, through the 
melt, to the large conductive base of the furnace.1371 This current distribution causes 
the melt to flow downward beneath the electrode, along the base of the furnace, and 
return radially toward the electrode along the top of the melt. As a result of this 
mixing, the melting process is more easily controlled, samples taken from the 
furnace are more representative of the melt, and tapping can be maintained with 
small temperature changes. According to Stickler,1371 this kind of stirring does not 
occur in AC arc furnaces.
2.2.1 Developments in Electric Steelmaking
Three main developments have occurred in electric steelmaking that are 
relevant to the current project. These are oxygen lancing, increased bath stirring and 
slag foaming. Each of these developments either induces, or is a product of, increased 
mixing intensity. The current project is an investigation into understanding how mixing 
in a melting vessel affects refining in a launder.
3 0009 03177217 6 11
Temperature gradients within AC electric arc furnaces are typically 20 to 50 
K l38l This produces little natural convection in the bath. In order to increase rates of 
reaction and scrap melting the bath is stirred by either gas injection or using 
electromagnetic coils. Electromagnetic stirring is, according to Jones,[38] a high cost 
process and difficult to retrofit to existing furnaces. Consequently, the majority of bath 
stirring processes performed on electric arc furnaces is through gas injection.
The main method of bath stirring is through porous plugs, however, in some 
operations tuyères have been used for this purpose.i38] These plugs may either contact 
the melt directly or be located below the hearth surface. In the case of the latter 
application, either the refractory material above the plug, or the entire hearth, may be 
made permeable to the injection gas. Some non-contact systems have been found to 
have service lives in excess of 4000 heats. In comparison, the contact porous plugs 
range in service life from 300 to 500 heats.
Claimed savings for this practice range from 9O0US to SUS2.30 per toni38J (~ 
990US - $US2.55 per tonne). Bath stirring is also claimed to improve sulphur and 
phosphorus removal, reduce electrode consumption, reduce tap-to-tap times by an 
average of 5 minutes, save up to 43 kWh/ton (47 kWh/tonne) and increase the yield by 
between 0.5 and 1%.
Oxygen lancing also increases bath stirring,[39] however this is not the primary 
use for this practice. Initially, lancing operations were carried out for decarburisation of 
the bath, but are now also used to supply oxygen as fuel for exothermic reactions in 
order to heat the bath.132, 395 The reactions which generate heat are the oxidation of 
carbon and ironJ391
Fe + J -O , =>FeO 
2 2
Energy supplied «  6 k W h / N m 3 0 2
( 2-io  )
c + - o , = > c o
2
Energy Supplied «  2 . 8 k W h / N m 3 0 2
(2 -11 )
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Operational results have shown an energy replacement value of 0.1 kWh/scf 
0 2i391 (~ 3.5 kWh/Nm3 0 2). This indicates that both carbon and iron are reacting with 
the oxygen. Analysis of the offgas is in aggreement with this finding, and has indicated 
that between 70 and 80% of oxygen injected into the melt reacts with carbon.
The energy supplied from reactions 2-10 and 2-11 now account for 
approximately 10 - 30% of the energy supplied to the melt in modem electric arc 
furnace operations.^91 In a typical UHP furnace the oxygen consumption is between 
640 and 960 scf/ton (~ 20 - 30 Nm3/tonne). According to Jones,1391 for non­
postcombustion practices the optimum oxygen usage shown through research is in the 
range of 1000 - 1250 scf/ton (~ 31 - 39 Nm3/tonne).
Lancing operations are often carried out through the slag door.1391 This 
increases the amount of air that is infiltrated into the furnace and increases the 
requirements of the off-gas system. As the gas flow rate is increased the fume can 
escape into the shop. Since carbon monoxide generation also increases with gas flow 
rate the level of carbon monoxide in the working environment can become a problem.
Carbon oxidation due to lancing causes the slag to foam.i391 This is a 
beneficial effect, increasing the contact area between the phases^401 and protecting the 
furnace walls from the electric arc. Heat transfer is also improved increasing the energy 
efficiency of the operation.
It has already been mentioned that slag foaming and the use of oxygen lancing 
significantly increase the volume of CO generated in the furnace. Consequently, the 
calorific heat in the off-gas is increased and must be burnt in the off-gas treatment 
system.f321 Combustion of CO to C 0 2 produces three times more heat than the reaction 
of C to CO. This has led to research into the post-combustion of CO within the electric 
furnace. There are two benefits resulting from post-combustion. (1) There is less of an 
energy requirement for the furnace, and (2) the heat load to be handled by the off-gas 
system is reduced. In practice, efficiencies of 80% have been achieved in transferring 
the theoretical calorific heat from CO combustion to the bath.
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(b)
Figure 2-5 (a) A tri-dimensional rendering of the Consteel® process/11 and (b) a 
schematic of the process at Florida Steel, Charlotte/51
2.2.2 The Consteel® Process
The processes of electric steelmaking discussed thus far have been batch 
processes from beginning to end. This means that the electrical demands on the main
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grid are not constant. As a result, this causes power surges in the main grid affecting 
other electrical consumers in the vicinity of the electric arc furnace plant. Due to these 
fluctuations and the resulting upstream problems for the electricity supplier, the 
electricity supplied to the plant is usually charged for at a higher rate per kilowatt hour. 
It is this problem which is attacked by the Consteel® process.
Consteel® is an acronym of ‘Continuous Steelmaking’, the process conceived 
and developed by Intersteel Technology Inc. of Charlotte, North Carolina, USA.[2,3’ 
Figure 2-5 (a) and (b) are representations of the Consteel® process. Consteel® is a 
continuous process in that material is fed into an electric arc furnace in a continuous 
stream. Periodically the furnace is either tilted forward for metal tapping or backward 
for slag tapping. This part of the operation must be considered to be a batch process, so 
the Consteel® process can be considered to be semi-continuous.
Furnaces with this technology operate continuously, and at full power the 
whole time.[3J As a result of this continuity of electricity use, it has been claimed that 
the unused percentage of the contracted power is reduced and also the stability of the 
electric load on the network is substantially improved.111 The tap-to-tap time for a ladle 
of steel is 40 - 50 minutes, with the tapping taking approximately 2 -3 minutes.131 This 
40 - 50 minute cycle allows the process to be used to produce both common and quality 
grades of steel, as it allows enough time for the desired ladle metallurgy or secondary 
refining stages to be used.
Scrap is fed directly onto a conveyor system from the rail cars on which they 
were delivered.12,51 There are three sets of railway tracks at the charging station at 
Nucor Steel, but other plants differ in the number of scrap supply tracks used. This 
allows for different grades of scrap to be delivered to the charging station at any point 
in time, and hence the development of a desired scrap mix to the conveyor for 
processing. The conveyor system includes a scrap arrestor to ensure the scrap level, and 
hence the quantity of scrap fed into the furnace, remains constant.
Slag forming and foaming additions are fed onto the conveyor system prior to 
the scrap entering the preheater,121 As a result these additions also benefit from 
preheating. The preheater utilises the off-gases from the arc furnace.12, ^ Additional 
fuel was required to heat the scrap and control the atmosphere in the preheater at the 
Nucor plant in 1987, but this had not been necessary at Florida Steel. The preheater is
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divided into three zones and sealed at the entrance by a dynamic seal. This is to control 
the atmosphere in the different regions in the preheater, while improving combustion 
and heat transfer. After passing through the preheater, the scrap is reported to reach 
temperatures of approximately 600 °C.
The scrap is then fed through a connecting car into the furnace.[2, 5] The 
connecting car connects the preheater to the furnace, allowing the continuous flow of 
feed during the different tilt aspects of the furnace operation. A main- function of this 
car is to effect a seal between the preheater and the furnace, preventing the off-gases 
from escaping.
Every 40 - 50 minutes, the furnace is tapped.I3J The steel tapped from the 
furnace is non-deoxidised and free from furnace slag. During the tapping operation 
alloying elements are added and the steel deoxidised. As in other electric arc furnace 
procedures, gas bubbling is used to maintain the homogeneity and cleanness of the 
steel. It is at the ladle metallurgy station that the required temperature and composition 
of the steel is obtained.
It is claimed that the whole range of mini-mill sizes can accommodate the 
Consteel® technology, and can be retrofitted into most existing furnaces.[3] In addition 
to this, scrap can be either cold or preheated as it is continuously fed into the furnace. 
When preheating the scrap up to 500 °C, a metallic vibrating channel is used in the 
preheater stage of the equipment. A refractory conveyor is used when preheating up to 
900 °C.
It is preferred that the scrap used for this process be loose material such as 
broken turnings and shredded or sheared scrap.[3] This is because the efficiency of the 
preheating phase increases as the size of the scrap is decreased. However, this does not 
preclude the use of large scrap sizes as furnace feedstock, and in furnaces of 5 m 
diameters or larger, plate, structural and heavy melting scrap grades can usually be used 
without problems.
In this process, the off-gas from the furnace is primarily utilised to preheat the 
incoming scrap.l3] On leaving the furnace the off-gas is passed through a combustion 
chamber where a burner is used to complete the combustion of the carbon monoxide. 
This gas is monitored for temperature, volume and oxygen content as it leaves the
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combustion chamber and enters the preheater. This data is fed back into a computer 
that operates additional burners in the preheater roof as required.
As the scrap passes through the preheater, the combustible matter is burned 
off.[3] This requires the use of another combustion chamber as the gas leaves the 
preheater, in order to complete combustion of the off-gas prior to entering the boiler. 
The energy of the off-gas may also be increased by use of this burner when necessary.
A boiler is used for two purposes. Firstly to lower the temperature of the gas 
before it enters the baghouse, and secondly to produce hot water or steam for use 
elsewhere on the plant.[3] The combusted gas in the boiler is also tapped to produce a 
dynamic seal at the cold end of the preheater stage.
Consteel® furnaces have been in commercial operation for the last eight years. 
Table 2-1 lists the plants which have adopted the process, and the power consumption 
and capacity for those units.
Table 2-1 List of commercial scale Consteel® plants.
g ¡  l g B M H f f l L ¡ Ü  V
(kWh/t) (000s short 
tons/yr)
AmeriSteel[33] Charlotte, NC 1989 355 (AC) 400
New Jersey Steel Sayreville, NJ 1994 385 (AC) 680
Corp. 1
Nucor Corp. J Darlington, SC 1993 330 (DC) 700
1. O ther Countries 1
Kyoei Steel Ltd.1'1 Nagoya, Japan 1992 359 (DC) N/A
AFV Beltrame1'1 Vincenza, Italy 1995 N/A (AC) N/A
NSM1411 Thailand - N/A (AC) N/A
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3. Thermodynamics and Kinetics of Oxygen Steelmaking
An understanding of thermodynamics and kinetics is required in studying any 
metallurgical process. The thermodynamics aids in understanding what is theoretically 
possible and the kinetics shows whether a theoretical process can be practically applied, 
and the best process route. This means that both chemistry and physics play a role in 
understanding and improving current metallurgical processes.
Chemistry is involved in understanding what the reactions are that occur, and 
what can be used in place of normal constituents used in the process. It can also give 
insights into materials which would perform the tasks better. Now that it is known what 
will occur when two reactants are brought together, physics is used to describe how the 
two reactants are to be brought together.
3.1 Thermodynamics of Oxygen Steelmaking
As the name of this type of steelmaking process indicates, oxygen is the main 
component used to refine pig iron and scrap to produce steel. The main elements in the 
feed metal which need to be removed or reduced in the refining process are carbon, 
silicon, phosphorus and sulphur. Lime is added to the feed as a fluxing agent which 
melts to form the basic slag required to promote the dephosphorisation and 
desulphurisation.
Oxygen is blown into the bath of molten metal and slag. This promotes both 
stirring and a reactant for the reactions that occur during the refining process. Carbon, 
silicon and phosphorus are removed from the melt by oxidation reactions, while 
reducing conditions are required for the removal of sulphur. Each of these reactions 
will be outlined in more detail in the following sections.
A partition ratio is the concentration of an element in the slag phase with 
respect to the concentration of the element in the metal phase. Where impurity 
elements are concerned, the higher the partition ratio the better. The reverse is the case 
for elements required in the product.
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Partition ratios are derived from equations o f equilibrium. Consider the 
reaction of metal with oxygen forming an oxide which is collected in the slag phase.
[M] + y 0 2 <=> (MOn) (3-i)
where the square and round brackets represent constituents in the metal and slag phases, 
respectively. From this reaction the equilibrium constant is defined as,
K m ( 3 -2 )
where n is an integer, X is the mole fraction, y is the activity coefficient, and P is the 
partial pressure. Assuming ideal gas behaviour in the generic reaction between a metal, 
M, and oxygen (reaction 3-1), the partition ratio of M, LM, is defined as,
L - X<M>~  v  (3 -3 )
X [M]
where (M) and [M] are the concentrations o f M in the slag and metal phases, 
respectively. Rearranging equation 3-2 for the partition ratio gives,
LM ( 3 -4 )
Using this equation the partition ratio is shown to be proportional to the 
equilibrium position of a reaction. A larger value of K results in more product 
produced for a given quantity o f reactant and the greater the value of the partition ratio. 
This means that by knowing the factors affecting the partition ratio and equilibrium for
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a reaction in a given system, the parameters within the system may be optimised to 
favour the reaction for the desired result. If the system is altered such that the activity 
coefficient of the metal in the metal phase and/or the oxygen partial pressure increase, 
the amount of the metal in the slag phase will also increase. Alternatively, if the 
activity coefficient of the oxide were to decrease, the effect would be the same.
The activity of an element in a solution is the effective concentration of the 
element in that solution. This is often different from the actual concentration because 
in many solutions there are interactions between atoms.142] For elements which form an 
ideal solution, the activity equals the actual concentration. Solute atoms with a strong 
affinity for the solvent atoms in which they are mixed are said to have a positive 
deviation, and the effective concentration (activity) of that element is greater than the 
actual concentration. The reverse is the case for elements in which the solute and 
solvent atoms are repelled by each other.
In the following sections, the effect of process conditions on the partition ratios 
and activity of important elements in steelmaking will be discussed.
3.1.1 Carbon
In general the carbon oxygen reaction can be written as:[42]
[C] + 0 <»C0 (g) (3-5)
The reaction has been written this way because the oxygen can be supplied through a 
number of sources, and at different interfaces. These sources may be characterised as 
follows.
Reaction at a gas-metal interface,[42J There are two types of gas-metal
interface to be aware of. The first is the interface where a bubble is formed in the melt 
through reaction 3-5, where both the carbon and oxygen are dissolved in the melt. In 
the second case, the gas jet impinges on the melt. Here the oxygen for the reaction is 
supplied by the injected gas.
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Reaction at the slag-metal-gas interface.,42̂ This reaction occurs in an 
emulsion or foam, or at the point where a bubble penetrates the surface of the melt as it 
enters the slag. Reaction at these interfaces proceed by a number of reaction steps. For 
example, oxygen gas reacts with iron to form Wustite (FeO) [reaction 3-6], carbon 
monoxide reacts with Wustite to form iron and carbon dioxide [reaction 3-7], the 
carbon dioxide then reacts with dissolved carbon to form carbon monoxide [reaction 3­
8]. Although this has taken a number of steps, the whole set o f reactions can still be 
described by reaction 3-5.
O + Fe => FeO ( 3 - 6 )
CO + FeO Fe ■+■ CO2 ( 3 - 7 )
C0 2 +C=>2CO ( 3 -8 )
3.1.2 Oxygen
The activity of oxygen in the steel is important in steel production, and 
determines the efficiency in which many of the impurities are removed. It also 
determines how much iron is lost to the slag as Wustite. This can be seen in the 
equation for the equilibrium constant, KFe.1421
_  [ h p ] [ a Fe ]
( a Feo)
(3 -9 )
where ho is the Henrian activity o f oxygen, and aFe and aFeo are the activities of iron and 
Wustite, respectively. Since iron is the solvent with an activity of approximately unity, 
for a specified temperature an increase in the activity of oxygen in the steel will 
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Oxygen solubility in iron decreases with temperature (Figure 3-l).142] If the 
oxygen is not removed while the steel is liquid, it may react on cooling to form oxides
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and blow holes in the metal. There are several methods in which oxygen may be 
removed from the steel
.Deoxidation by precipitation J42̂ The addition of elements with a higher 
affinity for oxygen than iron may be made to bring about the formation of 
oxide products. These products may be either solid or liquid, and given 
enough time will float to the surface and be removed from the melt.
Deoxidation by diffusion.[42] This occurs by the oxygen diffusing through 
the melt to a suitable slag layer.
Deoxidation by purging or in a vacuum}42̂ Oxygen dissolved in the steel 
combines with carbon to form carbon monoxide. It is not sufficient to simply 
allow the gas to escape from the metal because most of it remains in the 
metal, and can form blow holes on solidification. To aid in gas removal the 
metal may be either subjected to a vacuum, or purged with an inert gas.
Secondary deoxidation}^  Deoxidation reactions may occur as the metal 
cools, forming oxides at the solidification front. These products tend to 
become entrapped in the metal.
3.1.3 Sulphur
The slag-metal reaction for the removal of sulphur from the metal phase is
• 1 ,:[27,42,44]given by
[s ] +  ( ° 2-)<=>(s2' )  +  [ ° ]  (3-10)
From this reaction the partition ratio of sulphur is:[27)
L (S) / SCS
s [S] hoK,
where Cs is the sulphide capacity o f the slag as defined by,'
( 3-11 )
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Ce =  (W t % );




Ki is the equilibrium constant for reaction ( 3-10 ), ho is the oxygen potential, and fs  is 
the Henrian activity coefficient of sulphur. Similarly, the equations for the reaction and 
equilibrium constant of the reduction of iron are given by:






By rearranging and substituting equation ( 3-14 ) into equation (3-11 ), equation (3-15 
) may be derived.
asCsaFe
a FeO- ^ 1- -̂2
( 3-15 )
From this equation it can be seen that the partition ratio for sulphur is inversely 
proportional to the activity of FeO. This means that as the percentage of FeO in the slag 
increases, the ability of the slag to retain sulphur decreases.
In industry, equations based on operational data are used to estimate the 
sulphur limit of a slag. An example of such an empirical equation is,[42]
= 1.42B -  0.13(%FeO) + 0.89 
[S] v ' ( 3-16 )
where B is the basicity of the slag and defined as,1421
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2  wt% (all basic oxides) 
2  wt% (all acidic oxides)
Equation 3-16 shows the afore mentioned effect of FeO on the sulphur partition ratio, 
but also shows the effect o f basicity. Therefore, the best conditions for desulphurisation 
are a high basicity slag with low FeO activity.
3.1.4 Phosphorus
The dephosphorisation reaction is given in equation ( 3-18 ) below.
2[P] + 5[0]+3(02-)< » 2 (P 0 f) ( 3-18 )
Phosphorus removal is favoured by high basicity and low slag temperature.f42J 
Unlike sulphur, phosphorus removal is improved by the presence of FeO in the slag. 
This can be seen in Figure 3-2. Improved dephosphorisation can be achieved through 
the addition o f fluxing agents which decrease the viscosity of the slag. This is because 
the temperature o f the slag can be kept at a low temperature, improving the capacity of 
the slag to retain phosphorus, while also maintaining a slag which is fluid enough for 
efficient mass transfer. An example of such a fluxing agent is fluorspar.
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3.L5 Silicon
Silicon has a very high affinity for oxygen and as such is often used to control 
the level o f dissolved oxygen in the steel.*421 At the slag-metal interface the oxidation o f 
this metal is controlled by mass transfer to the interface where it reacts with FeO in the 
slag by die reaction
where K is the equilibrium constant for the reaction, a  is the activity and y is die activity 
coefficient. This is the opposite to sulphur in that as the activity o f FeO increases, the 
ability o f the slag to retain silicon also increases. It has already been shown with 
reaction ( 3-9 ) that as FeO content o f die slag increases, there is an increase in the 
activity o f oxygen dissolved in die m elt Silicon reacts with the oxygen dissolved in the 
melt, increasing the driving force for the FeO in the slag to be reduced further.
As die silicon is removed from the metal it becomes part o f the slag, 
decreasing slag basicity. In order to maintain the required slag chemistry, lime is added 
to correct the basicity/acidity ratio of the slag. The quantity o f lime added has to be 
matched with die amount o f silicon removed from the hot metal. Therefore, the initial 
silicon content of the hot metal has an effect on die volume of the slag produced.
In die ternary system o f the major components o f the slag (silica, lime and 
FeO), die activity o f silica ranges from a positive deviation to a negative deviation from 
the ideal solution.*421 However, over the compositional ranges found in the slag during 
steelmaking the deviation o f die activity from ideal is positive.
[Si] + 2(FeO) o  (Si0 2 ) + 2[Fe] (3-19)
with a corresponding partition ratio given by,
(3-20)
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3.2 Mass Transfer Theory
For a reaction to occur the atoms in the reaction must be next to each other to 
react. The rate at which reactions occur is dependent on the kinetics involved in the 
system. Kinetics can be either mass transfer or chemistry related. The slowest of these 
determines the rate of the reaction taking place. In high temperature pyrometallurgical 
reactions the chemical kinetics can generally be ignored for reasons which will be 
discussed later in this section. For mass transfer control in liquids, poor mixing can 
inhibit surface renewal and cause a slow overall reaction rate.
At the atomic and molecular level, mass transfer is by diffusion. According to 
Ficks first law the rate of mass transfer is defined as,[421
J D
V dxJ ( 3 -2 1 )
where JD is the diffusive flux, dC/dx is the concentration gradient and D is the 
coefficient o f diffusion. D is dependent o f concentration and temperature, and defined 
as,
D = D0e % ( 3-22 )
where T is the temperature in Kelvin, D0 is the diffusivity at infinite temperature, R is 
the gas constant and Q is the activation energy for diffusion.
Mass transfer in liquid-liquid systems can also occur by convection.1451 In this 
case the rate o f mass transfer is given by,
Jx = k A (C x  - C " )  ( 3 - 2 3 )
where Jx is the flux (or mass transfer rate) of x, k is the mass transfer coefficient by 
convection, A is the interfacial surface area, and and C“ are the concentration of x 
at the interface and in the bulk material, respectively. The mass transfer coefficient, k,
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is a semi-empirical constant and is dependent on geometry, the characteristics of the 
fluid flow, diffusion processes in the system and interactions between solutes.
Flow within a liquid moves dissolved or entrained constituents from one point 
in the liquid to another.[42] When the fluid flow is laminar, Fick’s second law may be 
used to describe the effect of fluid flow, concentration gradients and molecular 
diffusion on mass transfer. This equation is defined as,
dC f dC dC dC]
=  D
f d2C d2C 3 2C Ï.......  + 11 — +  u --------h u .  — _ ■ + ----- r- + ----- 1-
dt * a» N N l ô x 2 3 y ÔZ )
( 3-24 )
where ux, uy, and uz are the velocities of the fluid in the x, y and z directions, 
respectively. Under conditions of steady state uniaxial mass transfer, = 0 because 
there is no accumulation or loss of material in the system, uy=uz=0 due to no fluid flow 
in the y and z directions, and = 0 because there is no change in the
concentration gradients in the y and z directions. With these boundary conditions 




dx dx2 (3 -2 5 )
When looking at the steps involved in a metallurgical process occurring at 
temperatures around 1500 °C, the rate of reactions occurring at the interface of many 
such systems are usually high with respect to the rate of mass transfer of the reacting 
species at the interface.[45] This leads to two important consequences.
1. The reactions occurring within such systems may be considered to be 
transport controlled.
2. The species dissolved in each of the phases are at chemical equilibrium at 
the interface.
The two points above indicate that at the temperatures involved in 
metallurgical processes the problems involved in improving the efficiency of a process
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are more physical than chemical. Improvements in reactor efficiency need to be made 
in bringing the reactive species together. Since the reaction kinetics may be considered 
to be mass transfer controlled, by increasing the mixing intensity of a metallurgical 
process the fluid at the interface is replaced at a faster rate and the mass flux increased.
From equation 3-23 above, it can be seen that the flux is dependent on the 
contact area between the phases. By increasing the contact area the mass flux is also 
increased. One method o f increasing this area is by foaming the slag. This can occur 
by the reaction o f carbon in the melt with FeO in the slag (reaction 3-26) and through 
gas injection.
[C] + (FeO) => [Fe] + {CO }g (3.26)
In gas-liquid systems, mass transfer and reaction will take place at the 
interface/461 This sort of process will either be rate limited by the gas phase or the 
liquid phase.
In investigations on the mass transfer between the two phases, it has been 
found that the mass transfer parameter increased with the gas flow rate in an 
approximately linear fashion as defined by the equation/461
Q-ln
f  p S ^
v P / v
= k;rS ( 3-27 )
where Q is the gas flow rate, S is the length of the gas jet trajectory into the bath, r is the 
bubble radius, ki is the mass transfer coefficient of reactive gas i, and Pf & P,0 are the 
partial pressures o f i at the end o f the jet trajectory S and the gas input, respectively. 
For this relationship to be drawn, the following assumptions were made by the 
researchers.
• The gas stream expands as a jet with a constant cone angle.
• Gas-liquid contact area is constant per unit length of the jet.
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This relationship between gas flow rate and mass transfer was determined by 
researchers investigating the deoxidation of copper,f47,48] the reaction of sulphur dioxide 
in hydrogen peroxide,[49J and in the oxidation and deoxidation of silver.[48J
The method for determining the extent of reaction was different for each 
researcher. Themelis and Schmidt[47] calculated their results of the deoxidation of 
copper by analysis of the off-gas. Fruehan[48] approached the problem by determining 
the amount o f oxygen present by setting the copper and silver systems up as galvanic 
cells, and measuring the electromotive force across the cells. In the study by 
Brimacombe et a l [49] a cold model was used. At set time intervals samples were taken 
from the bulk fluid as the air plus 1% sulphur dioxide was blown into the bath of water 
containing 0.3% hydrogen peroxide. These samples were analysed for the amount of 
sulphuric acid present by titration using sodium hydroxide and methyl red indicator.
The studies for the deoxidation of copper were carried out at 1170 °C with an 
accuracy of +10K and ±5K in the Themelis and Schmidt/475 and the Fruehan[485 
experiments, respectively. Experiments for the oxidation and deoxidation of silver 
were carried out at 1000 °C ±5K.
Through these hot and cold models the general finding has been that the mass 
transfer parameter increased with the flow rate of the injected gas.[46J This has been 
ascribed to the formation of finer bubbles which in turn results in an increased contact 
area between the gas and liquid phases. It also shows that the reaction taking place is 
controlled by mass transfer of the gas phase.
There are three types of gas-liquid reaction of importance to steelmaking. 
These are the oxidation of carbon, silicon, phosphorus and other impurities, the 
reduction of oxides such as FeO by bubbles of CO/CO2 gas, and the rate at which 
hydrogen and nitrogen dissolve into liquid steel/425 The oxidation and deoxidation 
reactions have already been discussed in section 3.1.
Transfer of atoms of gases from the gas phase to the liquid phase occur by the 
following general process/425
1. Movement of the gas molecules through the gas phase to the gas-liquid
interface.
2. Adsorption of the gas onto the interface.
3. Reaction of the gas at the interface.
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4. Movement of the gas atoms through the liquid phase, away from the
interface.
At the elevated temperatures at which metallurgical processes are operated at, reaction 
at the interface occurs almost instantaneously. This means that the rate controlling step 
is usually one of mass transfer, unless there is chemical poisoning at the surface.
Mass transfer is improved by bubbling gas through the melt. This is due to 
increased surface area, improved mixing o f the liquid phase, and less distance for the 
gas phase to travel to the interface. An increase in surface area arises from the fact that 
the gas is in the melt as well as above the melt. For a given volume of gas fed into the 
melt, as the size o f the bubbles is decreased the contact surface area between the liquid 
and gas phases increases.
The movement of the gas bubbles to the surface of the melt induces currents in 
the melt. This will be described in more detail in section 3.3. Since there is improved 
mixing of the liquid phase there is constantly fresh liquid being brought into contact 
with the gas phase.
Finally, the volume of gas through which a molecule o f gas must travel to 
reach the gas-liquid interface is much smaller in a bubble in the melt than in the 
atmosphere above the bath. Consequently, the probability of a molecule of gas reacting 
with the liquid in the melt is much larger if  it is in a bubble passing through the melt 
than for gas molecules in the bulk gas in the furnace atmosphere. As a result, passing 
the gas through the bath is the most efficient means of utilising the gas.
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3.3 Fundamentals of Gas Injection
Mass transfer in many metallurgical systems is aided by bubbling a gas through 
tuyères to enhance mixing within the reactor. It is important to understand how bubbles 
interact with the melt, and the factors which enhance the mixing process.
3.3.1 Bubble Characteristics
Gas bubbles form by two methods. (1) by gas injection into a liquid and (2) by 
nucleation and growth, as in processes such as vacuum degassing, chemical reactions 
and cavitation (generated by mechanical agitation).{42,46]
Bubbles of gas nucleate on suitable nucleation sites when the gas has exceeded 
the solubility limit for the atomic state of the gas in the metal.[42] Nitrogen and 
hydrogen will form bubbles in steel in this way. When these bubbles reach a critical 
size where the bouyancy force of the bubble exceeds the surface tension force holding 
the bubble to the nucleation site, the bubble will detach and travel to the surface of the 
melt.
When dissolved oxygen exceeds the solubility limit in steel, it forms iron 
oxide.[42] Since this new phase is less dense than the liquid iron it floats to the surface 
of the melt forming a slag layer. Alloying elements are used to promote reactions with 
FeO, or the dissolved oxygen, to form gas (such as carbon monoxide) or precipitates of 
the alloying elements.
In the case of gas injection into liquid, the gas may rise as either a trail of 
bubbles, or as an unstable gas jet.I42,46J The mode of gas interaction is dependent on the 
energy supplied to the gas as it is injected into the melt. With sufficient liquid depth, 
both of these forms of gas dispersion will break down into finer bubbles, known as 
bubble plumes.
Figure 3-3 shows the effect of increasing the kinetic energy of the injected gas. 
From this figure it can be seen that discrete bubbles form when the velocity of the 
injected gas through the nozzle is less than Vd. At low gas flow rates, such as Va, the 







ORIGIN OF INDIVIDUAL ORIGIN OF BUBBLE SWARMS
BUBBLES
Figure 3-3 Formation of bubbles and jets when gas is injected into 
liquid metal.1421 Va < Vb < Vc < Vd < Ve.
bubble is greater than the surface tension force holding the bubble to the nozzle.1421 For 
a non-wetting system this critical diameter is given by,
^ 6 d 0<7̂
V gApy ( 3-28)
where do is the outer diameter o f the non-wetted nozzle, a  is surface tension, g is 
acceleration due to gravity and Ap = pj -  pg (the difference in the densities between the 
liquid and gas). As the flow rate increases the inertia of the gas becomes dominant over 
the surface energy until at Vd the bubble becomes elongated without detaching from the 
nozzle.[42]
Equations have been derived for determining the volume of gas bubbles. For 
low gas flow rates the formula is,[461
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v =
7td0a  cos 0
A p g
(3 -2 9  )
where do is the nozzle diameter and 0 is contact angle. This equation takes into 
consideration the balance of the forces due to buoyancy and surface tension.
With higher flow rates, and assuming an inviscid liquid, the following formula 
has been derived by a number of different researchers.[461
V d = K v Q V ^  ( 3 -3 0 )
In this equation Kv is a volume constant and Q is the gas flow rate. Different 
researchers derived the same equation, but with varying values for Kv. This variable has 
been found to range from 0.88 to 1.722, depending on the type of liquid used and 
geometry used in the experiments.
As bubbles rise, a wake is generated behind the bubble.[461 It is this wake 
which causes the liquid to flow in the direction of the rising bubbles. There is also an 
induced constant acceleration on a bubble, resulting from the wake of a preceding 
bubble. This can cause the two bubbles to coalesce. Therefore, bubble wakes strongly 
influence interactions between bubbles in bubble plumes.
Small bubbles (bubble diameters < 2mm) behave as rigid spheres and cause 
little disturbance as they rise through the fluid, even though liquid is displaced by the 
passage of the bubble.1421 The terminal velocity, ut, of a rising bubble of this size is 
given by Stokes law:
Ut = g
v l 8 p , y
Ap (3 -3 1  )




( 3-32 )Reb =
where db and Ub are the bubble diameter and rising velocity, respectively, while pj and 
Pi are the density and viscosity of the liquid. For small bubbles the velocity is Reb < 1.
The Reynolds number was developed by the English engineer, Osborne 
Reynolds, in the 1880’s and is a ratio o f the inertial forces o f the fluid with respect to 
the fluid viscous forces.[50’5l] At the time the Reynolds number was used to determine 
the transition from laminar to turbulent flow o f fluids in a pipe. The Reynolds number 
may be defined as:
R C = pU d = Ud
p, o
( 3-33 )
where p is the fluid density, u is the average fluid velocity, d is the hydraulic diameter, 
and ji and u are the absolute and kinematic viscosities, respectively. This 
dimensionless number is used for various applications ranging from flow through a pipe 
to the velocity of a sphere through a liquid.
Reynolds found that there was a lower critical value, 2300, below which the 
flow in a glass tube remained laminar.[50] Above this value the flow of the liquid may 
be turbulent. In other experiments with the same apparatus Reynolds was able to obtain 
a Reynolds number of 12,000 before the flow in the tube became turbulent.[51] Using 
the same equipment another researcher was able to obtain a value of 40,000 before 
turbulent flow set in. In normal pipe work there are irregularities which promote 
turbulent flow at much lower Reynolds numbers, so these upper critical numbers o f the 
Reynolds numbers have no practical use.
Unlike the small bubbles which behave like rigid spheres, the gas inside 
bubbles with diameters between 2mm and 5mm is able to circulate.[42] This reduces the
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drag on the bubble causing these bubbles to rise faster than predicted by Stokes law. 
Bubbles o f this size range in velocity from Reb >1 to Reb < 400.
As the bubbles increase in size further (bubble diameter between 5mm and 
10mm), the bouyancy, viscous and drag forces cause the shape of the bubbles to change 
from spherical to spheroidal and elipsoidal.[42] At bubble sizes greater than 10mm the 
bubbles take on a spherical cap geometry. Large bubbles, such as the spherical capped 
bubbles, cause a certain amount of liquid to be entrained with the bubble as it rises 
through the liquid. This generates a recirculation flow pattern in the liquid.
High Reynolds numbers, Re, cause bubble wakes to become unstable.t46i This 
phenomenon results in the periodic detachment of various shaped vortices from the 
plume. Using the Strouhal number, St, to characterise the shredding frequency of the 
bubble wakes, it has been shown that St increases with Re up to Re values of 
approximately 2700. Above this value of Re the St remains at a constant level and the 
vortex shredding frequency is stable.
The Strouhal number was developed by a German physicist during 
investigations into self excited ‘singing’ o f wires in the wind.f501 This number is 
defined by the expression,
St = ( 3-34 )
where co is the angular frequency, L is a reference length and V« is a reference velocity. 
As stated above this number has been used to compare the shredding behaviour of 





( 3 -3 5 )
where r0 is a projected bubble radius, f  is the frequency of shredding and ub is the 
velocity o f the bubble.
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In order to make derivations of equations easier, the bubble shape is, in many 
studies, assumed to be spherical.1461 However, in practice the shape of the bubbles tends 
to be more spheroidal or spherical capped. With bubbles emanating from an opening, 
the shape of bubbles approximates a sphere only when the gas flow rate is exceedingly 
small. Even then, when the bubble eventually detaches from the surface the shape may 
remain spherical or the bubble may deform into a saucer shape. This effect on the 
bubble shape on detachment is dependent on the size of the orifice.
Bubbles at the orifice take on an increasingly spheroidal geometry as the flow 
rate o f the injected gas is increased.1461 That is, the polar length of the bubble becomes 
increasingly longer with respect to the equatorial diameter. This has been attributed to 
increased kinetic energy of the gas.
3.3.2 Bubble Interactions
With high-velocity gas injection, the increases in size and elongation inherently 
promote the coalescence of the bubbles.1461 Bubble wakes also play a part in the 
coalescence of bubbles as mentioned earlier in section 3.3.1. Acceleration of the 
trailing bubble due to the wake of a leading bubble becomes effective when the distance 
between the two bubbles is less than 5-6 times the diameter o f the leading bubble. It 
has been found that a pair o f bubbles will coalesce in the following manner.
* The bubbles become aligned vertically.
* Acceleration and elongation of the trailing bubble.
* The trailing bubble overtakes the leading bubble.
* Rupture o f the thin film between the two bubbles.
When larger than a critical diameter determined by the system, a bubble will 
break up into smaller bubbles.1461 There are numerous mechanisms which result in the 
disintegration of bubbles, but the importance of this effect is that this process is largely 
accountable for the high contacting efficiency of bubble systems. This disintegration of 
bubbles into bubble swarms is shown in Figure 3-3.
3.3.3 Bubble Jets
A bubble jet, or bi-phasic jet, consists of a series of bubbles in a fluid which 
form a consistent cone angle of approximately 20°/42,461 With increasing gas velocity a 
homogeneous gas jet forms at the orifice and extends into the fluid a height, hg, before 
fragmenting into a bubble jet. The height, hg, is given by the equation/461
h =1.87- F r* ° 236
i d  \UQ
V h J
0.584
0.064 ( 3-36 )




where Q is the gas flow rate. If the jet height, hg, is greater than the depth of the bath, 
the term ‘channelling’ is used. This type of dispersion is not desirable for contacting 
systems.
It is the velocity of the injected gas which determines whether the injected gas 
forms discrete bubbles or a je t/42, 461 The transition from discrete bubbles to 
channelling is, in practice, indefinite. This is because a regime where the flow rate of 
the gas produces jetting may periodically break down into the bubbling regime. As a 
result of this, statistical analysis is used to determine the dominant regime and hence a 
transition point.
This breakdown in jetting is important in metallurgical operations because it 
increases wear of the refractory at the tuyère/421 Liquid metal can enter the tuyère 
between bubbles and cause tuyère flooding. This form of wear is known as back-attack 
and increases as the bubble frequency increases.
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3.3.4 Mixing by Injected Gases
The work done by one gas bubble can be determined by assuming ideal gas 
behaviour, and allowing for a change in volume due to the immediate expansion of the 
gas to that corresponding to the gas volume at the temperature o f the liquid, on entering 
the bath.[46] This work is given by,
W = 2nRT-ln(l + p ggz/148) ( 3-38)
and thus the rate o f energy dissipation within the system is,
8 =
0.0285QT") , f  z \
---------—  log 1 + -----
w /  148/ (3 -3 9 )
where n is the number of moles, R is the gas constant, T is the absolute temperature, w 
is the weight of the fluid in tonnes, and s is measured in watts per tonne. Equation ( 3­
39 ) is valid for a steel bath, but for water the power of the buoyancy expansion is given 
by,1521
P = 371 QT 2 • ln(l + 0.097H) -
H
10.3+ H (3 -4 0 )
The mixing intensity is determined by dividing by the weight o f the water.
The mixing time for complete mixing has been determined to be given by,[46]
t  = 800s - 0.40 ( 3-41)
where x is in seconds. This relationship was developed empirically from 
several types o f furnace. From these experiments it was found that the mixing time was 
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Figure 3-4 The effect o f the gas flow rate on mixing
time [46]
Equation ( 3-41 ) is only true for a single tuyère system.f46} Following the 
experiments o f Nakanishi et a l} A6] it was found that when multiple tuyères are used in a 
ladle the melt becomes segmented into a number of cells. Mixing within each cell is 
vigorous enough for efficient mixing, but mixing between the cells is inefficient. The 
result is an increase in the mixing time compared with the equivalent single tuyère 
operation. As a result equation (3-41 ) was modified to,
T =  8 0 0 s
- 0.40
( 3-42 )
where N is the number of tuyères.
From Figure 3-4 it can be seen that increasing the gas flow rate decreases the 
time for complete mixing.[46] It can also be seen that this effect diminishes with 
increasing flow rate.
The position of the tuyère in the system also effects the mixing time.[46] It was 
found that the least efficient mixing occurred when a tuyère was placed in the centre of 
the ladle. Mixing efficiency increased as the tuyère was moved toward the side of the 
vessel.
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4. Continuous Steelmaking Processes
Steel has been produced in batch processes since the production of steel began. 
Consequently, there is significant practical and theoretical understanding of these 
methods of production. In comparison, continuous steelmaking is a relatively new 
concept and there is still a lot to leam about these processes.
Attempts at continuous steelmaking fall into two main categories. These are 
(1) channel refining and (2) emulsion refining. In reality the processes proposed to date 
cannot be classed as purely one or the other because each process contains elements of 
both channel and emulsion refining. At one end of the spectrum the WORCRA and 
Bethlehem Steel processes are predominantly channel flow reactors, but make use of an 
emulsion to enhance mass transfer. In contrast to this the melt in the IRSID process is 
vigorously mixed to emulsify all of the metal into the slag phase. This emulsion then 
flows into a channel to allow a sufficient residence time for the slag and metal phases to 
separate before leaving the vessel.
Each of these processes operated with the melting stage of the steelmaking 
process outside of the furnace. This resulted in subsequent difficulties in controlling 
the flow rate of the hot metal into the vessel, and would also have allowed a significant 
amount o f energy to be wasted as the hot metal was held in the cupola. However, in the 
Lulea trials of the WORCRA process these problems would have been eliminated 
because the furnace was fed with cold feed.
4.1 WORCRA Steelmaking
The WORCRA process was conceived and developed by H. K. Womer in the 
1960’s.114, 15, 20, 53, 34, 55, 56] Initial research began at BHP while the inventor was 
employed by this company and was continued at Conzinc Riotinto o f Australia (CRA) 
when Womer went to work for this company. It was during Womer’s employment with 
CRA that the name for the process (WORCRA) was derived from the first three letters 
of the inventors name and the abbreviation o f the name of the company.
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The process was developed in an attempt to reduce operational and capital 
costs through a reduction in the number of process steps required to produce refined 
metal. To achieve this the WORCRA process was designed to contain three separate 
zones connected together to form one furnace. These zones were:
• a smelting zone,
• a continuous converting/refining zone, and
• a slag conditioning and settling zone.
Other important features of the WORCRA furnace included, continuous feed into the 
process, continuous tapping of the slag and metal, and counter-current flow of the slag 
phase with respect to the metal phase for good refining.1541
In addition to the development of the process for steelmaking, WORCRA 
furnaces were trialed for the production of copper, lead and nickel.1551 The process 
proved to be very efficient at refining both the ferrous and non-ferrous metals. A 
discussion of the refining efficiency for the ferrous metals is given in subsequent 
sections.
The basic principle behind the operation of the WORCRA furnaces was to 
cause the slag to flow over the metal phase in the opposite direction to the metal 
phase.1561 This movement of the phases between the different regions in the furnace 
was achieved using gravity as shown in Figure 4-1. WORCRA technology relied on the 
changing equilibrium conditions along the length of the furnace to maintain a 
thermodynamic driving force, in order to efficiently remove the impurities present in 
the metal phased551
To bring about this flow pattern, flux was added continuously at the steel outlet 
end of the refiner branch.1561 At the same time the feed material was fed continuously 
into the furnace in the bowl zone, as shown in Figure 4-1. A slag dam at the steel outlet 
forced the slag to move in the opposite direction to the metal phase. As this occurred, 
an emulsion of the slag and metal phases developed due to the action of the lance jets 
and ‘boiling’ from the reaction
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Figure 4-1 Schematic diagram of the Electric WORCRA Steelmaking Furnace built at
Lulea, Sweden.[56,58]
Consequently, in comparison with a system in which there is no emulsion the surface 
area between the phases was extremely large.I;>6] Combined with the high basicity of the 
slag, this led to values of phosphorus and sulphur removal in excess of 99% and 98%, 
respectively.154, D J These results were obtained in the pilot plant trials at Cockle Creek, 
Australia, and Lulea, Sweden; the Lulea results can be seen in Table 4-1 on page 49.
Once the slag moved into the bowl region, the powerful stirring which 
occurred in this region resulted in a co-current flow of the phases.f561 In this zone of the 
furnace silicon was removed from the metal phase before the slag passed into the slag 
cleaning branch.
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Most of the Wustite (FeO) content of the slag was reduced by the reactions 
with the carbon and silicon in the metal in the bowl region to the extent that typical iron 
levels in the slag were between 3% and 8%.[56] The iron remaining in the slag as 
entrained droplets was recovered in the slag cleaning branch. These metal droplets 
would settle out of the slag and run down the sloping floor and back into the bowl 
region.
One of the benefits of the counter current flow of the slag and metal phases is 
the re-use of some of the oxygen.l59̂ The FeO formed in the launder becomes trapped in 
the counter-flowing slag and provides some of the oxygen requirement for the reactions 
which take place toward the bowl region of the furnace.
In the early trials o f the WORCRA furnaces there was excessive wear of the 
refractories at the slag line.[59,60J However, once cooling pipes had been inserted in this 
region, the main problem was shrinkage of the basic refractories at the end of each 
campaign when the furnace cooled. In operation the furnace does not suffer from 
thermal cycling and as such the refractories do not suffer from spalling.
Although this process proved to be a very efficient refining system, it was not 
commercialised due to a combination of commercial and technical problems. *55] 
Section 4.1.3 will cover the technical problems associated with this technology.
4.1.1 Cockle Creek Trials
A number of trials were carried out in a WORCRA furnace built at the Cockle 
Creek plant of a subsidiary of CRA, Sulphide Corporation Pty. Ltd., near Newcastle in 
New South Wales, Australia.f56} No dimensions for this furnace could be found in the 
literature, however, the furnace ran at a maximum flow rate of 5 tonne h r 1 with a mean 
metal phase residence time between 17 and 20 minutes.f61i An L shaped layout was 
used for the furnace as shown in Figure 4-2.
During the trials with this furnace the temperature in the bowl region was 
maintained between 1450 °C and 1500 °C.[58] The flow rate of the metal phase through 
the refining launder was designed to be 5 mm s'1 when the furnace was charged with 
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Figure 4-2 Schematic representation of the WORCRA furnace built at Cockle
Creek.[61]
Hot metal containing 3.50% C, 1.20% Si, 0.94% Mn, 0.100% P and 0.061% S, 
was fed into the bowl region at 1405 °C and at a feed rate of 2.7 tonne h '1 ±0.23 tonne 
h 'U61] Oxygen was blown through the four lances at 1553 scf ton'1 (~48 Nm3 tonne'1) 
hot metal. At the refining end of the furnace the product steel was tapped at 1655 °C 
and a composition of 0.18% C (95% removal), 0.01% Si (99% removal), 0.03% Mn 
(97% removal), 0.003% P (97% removal) and 0.009% S (85% removal). A 127 kg slag 
was produced for each tonne of refined steel, and 0.5% iron was lost to the slag. This 
value for iron loss is calculated as a percentage of the hot metal fed into the vessel.
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This change in the composition of the metal phase can be seen graphically in 
Figure 4-3. Samples of both the composition and temperature of the melt were taken 
through the inspection and sampling doors. From Figure 4-3 it can be seen that the 
temperature was seen to increase, and the impurity elements were efficiently removed 
as the melt flowed along the launder.
A tracer study was performed for this furnace with a calculated mean residence 
time of 22.2 minutes.1601 Copper was used as the tracer and was introduced with the hot 
metal feed as shown in Figure 4-2, and sampled at 1 minute intervals for 45 minutes. 
The results from the tracer study are graphed in Figure 4-4. Due to the geometry of the 
Cockle Creek furnace and the resulting flow pattern, metal was considered to have been 
retained in the bowl region resulting in the double peak in the tracer distribution. This 
also led to short-circuiting which is evident from the peak of the first curve falling at 
approximately three quarters the mean residence time of the liquid in the vessel.
However, the dispersion was found to be low (D/uL=0.064). The value of
0.064 is equivalent to refining in 8 or 9 completely mixed tanks in series^601 as described 
by Levenspiel.1621 This is a quarter the value of 0.27 estimated by Szekely using a 
residence time of 40 minutes for liquid flowing through a 15 m counter-current refining 
launder.1651 Szekely calculated the velocity of the liquid along his theoretical launder to 
be 6 mm s '1 which is similar to the 5 mm s '1 designed for the Cockle Creek furnace.
D/uL is known as the Peclet number and is used many models investigating the 
dispersive nature of fluids within a channel. Originally developed for use in heat 
transfer as the Peclet number, defined as,[63]
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Pe = ( 4 -2 )
uL 
a
where a  is thermal diffusivity, u is velocity and L the characteristic length. This 
equation may be rearranged as
_ L - _ d _ 
Pe uL ( 4 -3 )
for mass transfer relationships. The dispersion coefficient, D, may be determined by 
the following relationship for open channels.1511
D = kd ( 4 -4)
where d is the bath depth, x0 is the wall shear stress and k is constant related to the 
channel, k has been found to vary from 6 for smooth laboratory channels to 7500 for a 
large river. The uL/D group is also known as the Bodenstein number,1641 but to avoid 
confusion this group will continue to be referred to as the Peclet number throughout this 
thesis.
An increase in the characteristic length, L, will result in a lower value for the 
inverse Peclet number.1<5:>1 This is because the velocity and dispersion coefficient are 
both rate parameters with respect to time and therefore not affected by the length. From 
equation 4-4 above it can be seen that if  a channel is uniform along it’s length then the 
rate o f dispersion will not change.
4.1.2 Luleâ Trials
A number of modifications were made to the WORCRA process on the furnace 
built in Luleâ, Sweden (Figure 4-1). The launder section used to clean the slag of 
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Figure 4-4 Results from the tracer 
experiments undertaken on the Cockle 
Creek WORCRA furnace.1601
shaped geometry of the furnace (Figure 4-2) was replaced with a straight line 
configuration. Another change was to melt the pig iron and DRI in the bowl using an 
electric arc, where previously the feed material had been hot metal from a cupola.
Some dimensions have been given in the literature for the size of the Lulea 
furnace. A 4.2 MW ASEA-built, 7 tonne nominal capacity AC electric arc furnace was 
built with a 4.5 m refining launder attached to the side of the electric furnace.[66] This 
furnace was run at a maximum continuous flow rate of 7 tonne h '1 due to external 
limitations to the furnace such as available space and crane facilities at plant.[56] The 
maximum flow rate used on this furnace was 8 tonne h"1. It was claimed that using 
scale up calculations from the trials at Cockle Creek, the Lulea furnace should have 
been able to produce between 12 and 13 tonne h '1, using feed preheated and charged at 
900 °C.
Unfortunately, no information is given on the relative velocities of the slag and 
metal phases in the launder. However, mean residence times of 21.2 - 25.4 minutes 
have been given for the metal phase travelling through the fumacei67] while a mean 
residence time of 18 minutes was used for the launder section during tracer 
experiments.[66i There was also no information given on the gas flow rate through the 
lances used on the Lulea furnace, although it was stated that trials were run with three 
and four lances.
Temperatures in the bowl region were maintained at 1500 °C ±15 K, and the 










P 1600 7 0.0007 99.6
S 1020 20 0.002 98
Ti 3000 2 0.0002 99.9
Ag 40 3 0.0003 92.5
Bi 0.1 0.01 0.000001 90
Hg 0.4 0.1 0.00001 75
K 2 0.2 0.00002 90
Na 20 2 0.0002 90
N 29 6 0.0006 79.3
Pb 2 0.4 0.00004 80
Sb 6 2 0.0002 66.7
Zn 100 2 0.0002 98
Table 4-1 Analysis o f the impurity elements present in the pig iron feed and 
Droduct steel for the WORCRA reactor at Lulea. Sweden.[54,57]
material was a mixture o f pig iron and Wiberg sponge iron charged into the furnace 
cold; the energy consumption was dependent on the ratio of pig iron to sponge iron. An 
increase in the amount of sponge iron increased the energy consumed. Wiberg sponge 
iron had a composition of: total Fe 87.5%, metallic Fe 76.6%, oxygen 4.7%, C 0.67%, 
Mn 0.95%, P 0.01%, S 0.01%, S i02 3.68%, MgO 1.12%, A120 3 1.00% and CaO 
0.35%.i58]
Excellent refining was reported for the Lulea furnace. The research 
undertaken on this furnace brought forth the results shown in Table 4-1. Of note is the 
high refining efficiency for phosphorus (99.6% removal) and sulphur (98% removal). 
Carbon and copper were reduced from 3.45% and 0.10% to 0.15% and 0.05%, 
respectively.f 571
The feed metal also contained 1.87% silicon, 0.32% manganese and 0.002% 
tin. Up to 26% scrap was added to the furnace when it was run at 7 tonne h_1.[:>6] The 
flux consisted of a 95:5 ratio o f lime and fluorspar which was added to the furnace at 
the metal outlet end of the refining arm. Very little fume was produced from the 
furnace with only 1.02 kg o f fume produced per tonne of refined steel.
Tracer studies were carried out on the Lulea WORCRA furnaces using Au 
and 140La as radioactive tracers.166,671 The gold and lanthanum isotopes were used to 
investigate the metal and slag phases, respectively. When measuring the residence time 
distribution for the metal phase, the radioactive gold beads were injected below the
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surface of the metal phase at inspection door 1 (Figure 4-1) using a steel pipe. J A 
bead was held in the pipe between a ram rod and a wooden plug on the end of the pipe. 
The wooden plug and bead were forced into the molten metal by pushing the plug end 
of the pipe below the molten surface and striking the top end of the ram rod with a 
hammer. Figure 4-5 is a graph of the resulting residence time distribution (RTD) as 
measured at the steel outlet using a scintillation counter as shown in Figure 4-1.
One of the sets of results in this figure are from a trial run with no oxygen 
blown through the lances or flux added to generate a slag. The distribution of this free 
flowing melt can be seen to have been displaced to the left of the RTD’s of the trials in 
which the surface was disturbed by gas injection. This was attributed to the
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characteristic of fluid flow that there is reduction in longitudinal mixing during the 
transition for laminar to turbulent flow.
It was also found that there was little difference in the results of experiments 
carried out with three lances and four lances.l66] Both sets of results equated the flow 
conditions in the furnace to refining in approximately 8 stirred tanks in series.166,671 
This is very similar to the results discussed above for the Cockle Creek furnace in 
which the furnace was equivalent to 8 or 9 tanks in series.
Addition o f the lanthanum isotope to the slag was through the flux inlet shute 
near door 4.[661 For these experiments, the counter was placed in the roof of the launder 
near the electric furnace. The RTD for the slag phase is given in Figure 4-6. The D/uL 
series is too large to use the tanks in series model for the RTD of the slag phase. A 
value of 1 was calculated for the slag phase, indicating that this phase was more mixed 
than the metal phase. Although this is a large value for D/uL when compared with the 
dispersion measured for the metal phase, the slag phase was still far from 
approximating mixed flow. With a D/uL value of 1, there would still have been a 
concentration gradient maintained for the slag phase along the length of the launder.
4.1.3 Limitations of the WORCRA Process
One of the potential limitations for channel type furnaces such as the 
WORCRA process is the large surface area of the melt with respect to the volume. This 
has been identified in several papers and is related to the energy efficiency of the 
process/65,59,681 The problem with such a large surface area to volume ratio is there is a 
lot of energy lost from the process through the furnace walls and from the surface of the 
melt. Consequently, when compared with the BOS there is less excess energy available 
to melt scrap and other cold charged feed materials.
Heat loss is a valid concern for channel type reactors if the liquid steel 
throughput is low. However, for a process operating at a high liquid metal flow rate this 
problem would be minimised. It should also be noted that WORCRA furnaces only 
operated at the pilot plant scale. If the furnace had been used at a commercial scale the 
heat loss per tonne product steel would have been less.
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Szekely1651 indicated that a D/uL value of 0.1 (a moderate level o f dispersion) 
would produce operating conditions far removed from the ideal condition of plug flow, 
and intimated that the refining efficiency of the process would be poor. Backmixing 
associated with a non-plug flow type reactor was also cited as a limitation by 
Fruehan.1591 In any channel type reactor the amount of longitudinal mixing is going to 
be a factor limiting the size of the reactor. However, it has been proven in the 
WORCRA trials that a moderate sized reactor can produce excellent refining with a 
D/uL value in the order of 0.06.
There have also been factors raised which must be attributed to the size of the 
WORCRA pilot plants and the low mixing intensity in the bowl region. These limiting 
factors are poor productivity,1541 scrap size smaller than the ordinary scrap,159’68,691 and 
variations in the product composition.1681 By increasing the size and mixing intensity 
within the vessel the process would be more energy efficient with a corresponding 
increase in productivity. There would be more melt in the vessel allowing for charging 
of larger scrap, and finally, the larger volume of liquid metal produced would even out 
the fluctuations in the composition.
The variation in the composition was attributed to a difficulty in controlling 
the oxygen injected through the lances.1681 This problem was also said to cause skull 
buildup which led to deflection of the gas jet and excessive dispersion. In 
acknowledgment of this fact, several modelling studies have been undertaken to 
understand the effect of using tuyères instead of lances. These studies will be discussed 
in section 5.3.3.
It should also be mentioned that the WORCRA furnaces were small, producing 
a maximum of 5 and 8 tonnes of liquid steel per hour for the Cockle Creek and Luleâ 
furnaces, respectively. This equates to approximately 0.2 and 0.3 L s*1 of liquid metal 
issuing from the respective furnaces. At such a low production rate it is not surprising 
that variations occurred in the composition.
4.2 Other Channel Type Processes
The concept of producing steel continuously in a channel is not new. In an 
1855 patent,1701 an idea for continuously refining steel was proposed by which air or
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water vapour was to be passed through the pig iron as it flowed out o f the blast furnace 
and along the gutter. Since that time other channel continuous steelmaking proposals 
have been submitted and investigated. The WORCRA process was described in the 
previous section; some of the other processes will be discussed in this section.
In the late 1960’s the Bethlehem Steel Corporation^1] investigated refining pig 
iron to steel in a 5 ton per hour co-current flow vessel. Inside what was essentially a 
refining launder, a molten bath 305 mm wide * 6220 mm long x 305 mm high was 
maintained within the vessel with a removable dam. Oxygen was supplied to the melt 
using five or six water cooled lances, progressively placed along the length of the 
launder (Figure 4-7). It was found that there was no loss of efficiency by going from six 
lances to five. Most o f the tests were carried out with the metal and slag phases leaving 
reactor together. A few runs were successfully carried out using a slag skimmer to 
separate the two phases.
During the experiments, attempts were made to maintain a constant flow of pig 
iron into the furnace using a tundish.[71] Difficulties arose when skulls formed in the 
tundish and it became hard to see the surface o f the molten metal. Consequently, this 
process was dropped in favour of pouring directly into the furnace from the ladle. This 
still led to fluctuations in the rate o f feed metal into the vessel.
As with the WORCRA process, this process also suffered from erosion of the 










0.05 ±0.03 47 18
0.12 ±0.03 21 21
0.32 ±0.08 41 24
0.35 ±0.10 51 26
0.45 ±0.12 37 30
0.62 ±0.08 27 20
1.00 ±0.05 15 34
1.10 ±0.07 17 33
Table 4-2 Examples of the control of carbon levels 
achieved in the Bethlehem Steel co-current continuous 
steelmaking process.[71]
first two l a n c e s . A f t e r  the approximately 20 hours of service for this campaign, the 
refractory lining had been eroded in some places to less than half the original thickness. 
This was attributed to an acidic slag which was upstream of the first lime injecting 
lance. Erosion was still a problem in the second campaign but was controlled by 
carrying out repairs after each test.
Published data has shown up to 90% removal of phosphorus and 59% removal 
of sulphur.[71̂ The final concentrations of the refined product containing levels of less 
than 0.01% and 0.02% of phosphorus and sulphur, respectively. It has also been 
claimed that the flow of molten material in the vessel approached plug flow.
Other results from the Bethlehem Steel experimental programme have shown 
an increase in the partition ratios of sulphur and phosphorus with increasing basicity.1 1 
In addition to this, it was observed that the partition ratio of phosphorus was increased 
by an increase in oxygen potential. However, one of the most important findings was 
that it was possible to control the carbon content of the refined product. From Table 4­
2 it can be seen that at best the carbon content was maintained at the carbon level with a 
deviation of ±0.03 percent carbon, while at worst the content was maintained at ±0.12 
percent carbon of the target level. This control of the carbon content was achieved by 
trimming the flow rates of the oxygen through the lances. Considering the afore 
mentioned fluctuations in the flow rate of the metal, reasonable control o f the carbon 
content was maintained for the target carbon levels.
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Table 4-3 Impurity removal results from the experiments 
carried out on the MISiS laboratory furnace.1691
% Si %Mn % P % S
Counter-current 100 96 97 55
Co-current 98 86 87 22
The process was not commercialised. It had been shown that the vessel 
suffered from considerable wear of the refractories and that it was difficult to regulate 
the flow of the hot metal into the furnace.1711 Rudzki recommended that further 
research needed to be carried out.
The Moscow Institute of Steel and Alloys (MISiS) developed and built a 
laboratory scale model of a continuous steelmaking process.1691 This model furnace was 
a single unit which consisted of four open baths. Each bath had a capacity of 35 kg 
with a bath surface measuring 0.26 m x 0.26 m, and a depth of 0.12 m. Output from 
this furnace was 100 kg h’1.
The concept behind the MISiS process was to allow different parts of the 
steelmaking process to be carried out in each bath.1691 Metal flowed from one bath to 
the next by gravity. Due to the metal flowing from one bath to the next there were 
minor variations in metal composition throughout each bath. These variations 
decreased as the metal flowed along the furnace. The deviations from the mean 
compositions decreased from 7.1% in the first bath to 4.5% in the fourth.
Flow of the slag phase relative to the metal phase could be either co-current, 
counter-current or independently removed from each bath.i691 In the afore mentioned 
laboratory furnace both co-current and counter-current flow was trialed. In one set of 
experiments oxygen was supplied through a lance to the first bath. It was found that the 
counter-current flow of the metal and slag phases was more efficient at impurity 
removal than co-current (Table 4-3).
There was no information given of, or for, a larger scale operation of the 
MISiS furnace.
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Work on a continuous steelmaking process was begun at the National Research 
Institute for Metals (NRIM), Japan, in 1964.[59,12] A pilot plant was designed and built 
in 1967 based on a series of cascading furnaces. This plant was capable of a hot metal 
flow rate of 7.8 tonne h '1. Hot metal was poured into the top furnace and underwent 
different stages of refining as it flowed from one vessel to the next (Figure 4-8).
The refining section of each furnace was 3 m long, 0.3 m wide and 0.85 m high 
(Figure 4-9).[72] Four water cooled copper lances were used to inject either oxygen or a 
mixture of flux and oxygen, into the melt. These lances were mounted at the upstream 
end of the furnace with a 5° angle in the direction of the metal flow. This positioning 
of the lances was designed to produce a vigorously mixed reaction zone where the hot 
metal entered the vessel, and a settling zone prior to the liquid metal flowing into the 
next stage.
These furnaces were also built with a burner to pre-heat the furnace, a chute to 
add solid materials and a port for sampling the gas.[72] At the end of the furnace there 
was a dam which maintained the nominal holding capacity at approximately 1000 kg.
Feed rates of 125 and 130 kg m i n 1 ±10% hot metal were used during trials of 
the process.[72] Since the holding furnace which supplied the process held 12 tonne of 
hot metal, each run lasted approximately 96 or 92 minutes, depending on the feed rate. 
The oxygen flow rate through the lances ranged from 1.76 Nm3 m in 1 to 4.4 Nm3 min"1. 
Flux was supplied to the furnaces through the lances at various flow rates ranging from 











10. Coolant feeding chute
Figure 4-9 Unit furnace for the NRIM process.f59' 72] The dimensions given are in
mm.
ratio of 5:1 of CaO to CaF was used for most runs, but some trials used one part S i02 in 
place of one part CaO. Minor usage of scrap feed was used with the addition of 2 kg 
min"1 scrap for a couple of the trials.
In the first furnace silicon and the majority of the phosphorus (~84%) was 
removed.[72] The second stage was used for decarburisation and the removal of the 
remainder of the phosphorus. Grading and tapping of the steel was carried out in the 
last furnace. According to Fruehan et al}59] the NRIM process would be better than the 
BOF for phosphorus removal. However, the manganese, sulphur and carbon levels 
were found to be higher than those found in BOF steel. It was thought the the sulphur 
level would be reduced by a desulphurisation stage prior to adding the hot metal to the 
first furnace. No information was provided on the productivity or yield of the process.
57
Oxygen and Fluxes
Figure 4-10 Schematic of a single stage ERSID continuous steelmaking process.f73]
4.3 An Emulsion Steelmaking Process
In the late 1960’s and early 1970’s the Istitut de Recherches de la Sidérugie 
(IRSID), Française, developed a continuous steelmaking process which used co-current 
flow of the slag and metal phases.[73] Pilot plants of the process were built at the IRSID 
Applied Research Centre in Maizières-lès-Metz.174̂ These pilot plants ranged in size 
from 0.246 tonne hr'1 to 11.810 tonne hr'1. The research centre did not have the 
facilities to cater for the large quantities of metal required for long runs, so a semi­
industrial, 492 tonne day'1, plant was built at Hagondange in the east of France.
Hot metal was continuously fed in at the hot metal inlet (Figure 4-10) and then 
flowed into the reactor. An emulsion of slag, metal and gas was formed in the reactor 
through the vigorous stirring brought about by an oxygen jet stream supplied by the 
vertical lance. Lime and other slag formers were also supplied through this lance.
The bubbles in the emulsion caused the emulsion to rise in the reactor.[73] On 
reaching the level of the opening to the decanting vessel, the emulsion flowed into the 
decanting vessel. It was in this part of the process that the slag and metal phases were 
separated. The amount of iron entrained in the slag was determined by the residence
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Figure 4-11 Iron entrainment in the slag 
with respect to residence time in the 
decanting vessel.
time of the slag in the decanting vessel. As can be seen in Figure 4-11, the loss of iron 
to the slag in the form of metal shot decreased rapidly with time. After approximately 
twelve and a half minutes, these losses were essentially zero.
Both the slagging and tapping of the steel occurred simultaneously from the 
decanting vessel.17j1 The slag phase was removed from the top of the melt, while the 
steel was siphoned from the bottom of the vessel and tapped into a grading vessel 
known as a ‘Nuanceur’. This vessel was used to regulate the temperature and 
composition of the raw steel, while monitoring the flow of the hot metal.
When the hot metal fed into the process at the hot metal inlet was of a high 
phosphorus content, the system was run with a second stage for further refining of the 
metal.1731 The equipment setup for two stage operation of the IRSID process can be 
seen in Figure 4-12. Of note is the re-use of the slag from the second stage into the 
decanting vessel of the first stage.
By defining the iron yield of the process as a ratio of the total weight of liquid 
steel produced per total weight of iron fed into the system, the iron yield has been found 
to be approximately 96% and 97.5% for high and low phosphorus feed metals, 
respectively.1111 Both of these values are for steel produced by two stage refining as 
shown in Figure 4-12.
Iron losses to the gas as fume were found to be less that that of the LD 
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Figure 4-12 Layout of the IRSID process for two stage refining. [ii]
phases acted like a scrubber. As a result, the losses of iron up the stack were found to 
be typically 2.4 kg per tonne hot metal fed into the furnace.
Phosphorus removal for this process was reported to be in excess of 98%.[1,] 
In tests carried out at the Hagondange plant, pig iron containing 1.8% phosphorus was 
refined to a steel with less than 0.025% phosphorus.
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The emulsion generated in the IRSID furnace created a high contact area 
between the slag and metal phases. Where there is a large contact between the phases 
reactions between the phases occur very rapidly. This can be explained by two effects. 
The increase in reaction rate is due to (1) greater contact between the reactive species, 
and (2) less distance of diffusion due to small droplet size. As a result of these two 
effects productivity from this process should be high. The reasons for this are as 
follows.
In section 3.2 it was stated that at the temperatures at which pyrometallurgical 
processes take place the reactions are effectively instantaneous, and the rate o f reaction 
is controlled by the rate at which the reactive species can be brought together. From 
equation 3-23 on page 27, this rate was shown to be dependent on the contact area at 
the interface. Therefore, by increasing this area the rate of reaction will also increase
.The droplets formed in the emulsion are very small in comparison to the bath 
from which they were formed. This means that there is less distance for the reactive 
species to diffuse in order to react. Using equation 3-21 from page 27, as the distance 
for diffusion to occur decreases, the rate at which material moves to the interface 
increases.
However, this emulsion can also be considered a problem because the material 
cannot be used while it is an emulsion. Consequently, the emulsion needs to stand for a 
period of time for the two phases to separate. This can be seen in the size of the 
decanting vessel in relation to the reactor size. Even so, the slag still contained 20% 
iron.[74i It was claimed that the loss of iron to the slag as metallic beads was almost nil 
due to the residence time in the decanting vessel. Therefore, it is assumed that the iron 
lost to the slag was in the form of an oxide of iron.
4.4 Other Proposed Processes for Continuous Steelmaking
There have also been a number of continuous steelmaking patents submitted. 
Some of these patents are listed in the references. A proposal was patented in 1855 by 
Marti en,70J to refine pig iron as it flowed along the gutter from the blast furnace. The 
majority o f other patents located at the time of printing were channel type refining 
vessels.1 ’ >-’ ' ’ ’ ' These patents utilised gas injection through various
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placements of tuyères and/or lances. Some processes separated the different stages of 
reaction using weirs and baffles, while other processes did not use any form of physical 
partitioning.
One design used a furnace mounted at an angle.[77] The slag and metal phases 
were to flow counter current. Tuyères were to be positioned in the side walls at the 
level of the metal phase, and facing up the furnace. The action of the tuyères was 
claimed to force the metal phase to flow up the furnace and out the top while also 
promoting mixing between the slag and metal phases. Since the slag phase was above 
the tuyères it was expected to flow down the furnace and out the bottom.
Another channel type reactor was proposed by MISiS and VNIIMetmash, 
and called a continuous steelmaking system. This process incorporated counter current 
flow of the slag and metal phases along channels, and two reaction vessels in which 
refining occurred. The feed for the vessel was fed into the first reactor. In this vessel it 
was proposed that silicon, manganese, most of the phosphorus and some of the carbon 
was oxidised. The second reactor was for removal of the remaining phosphorus and 
carbon.
Not all proposals for continuous steelmaking have been of a channel type 
reactor. The process with the unusual geometry in Figure 4-13 was patented in 1977 by 
Brotzmann et û/.[83] It was proposed that pig iron would be continuously fed into the 
vessel at 11, and tapped as refined steel through drain holes at either 10 or 12. Fluxes 
would be added through the tuyères at 8 and the resulting slag tapped at 14.
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5. Channel Refining Theory
Continuous steelmaking processes have been trialed using channels in order to 
develop the concentration gradients necessary for efficient continuous refining. Both 
co-current and counter-current channel refining processes have been examined. An 
analysis of these two flow regimes will be undertaken in this chapter. Both of these 
cases involve the fluid flow of molten phases. Consequently, understanding the fluid 
mechanics involved will help in understanding the process.
Cold modelling have been carried out by other researchers on launder refining 
processes. These studies covered in this chapter have been used to analyse the effects 
of tuyère and lance gas injection, the effect of flow rate on axial dispersion, and the 
differences in behaviour of inert and reactive gas injection.
5.1 Co-Current versus Counter-Current
In continuous steelmaking, there are three possible furnace configurations. (1) 
A continuously stirred reactor, (2) slag and metal phases flowing co-currently, and (3) 
slag and metal phases flowing counter-current.[65] The first configuration essentially 
makes the conventional batch steelmaking process continuous by some means of 
continuous addition and withdrawal of material. According to Szekely/65̂ this type of 
reactor would be of similar efficiency to the batch process for low levels of conversion, 
and significantly inferior to the batch process where high levels of conversion are 
required.
This leaves co-current and counter-current processes. In assessing these two 
remaining configurations, an analogy will be drawn using heat transfer to describe mass 
transfer processes. This is a valid comparison because heat and mass transfer processes 
are similar.[84] In both mass and heat transfer the system is driven toward equilibrium. 
For heat transfer this involves a heat flux to bring the system to a uniform temperature, 
while in the case o f mass transfer a mass flux drives the system toward chemical 
equilibrium. The general form of the heat and mass transfer equations are:
Heat FJux = Heat Transfer Coefficient * Temperature Gradient ( 5-1 )
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Mass Flux = Mass Transfer Coefficient x Concentration Gradient ( 5-2 )
It can be seen that these two transfer processes are of the form:
Flux = Constant x Gradient ( 5-3 )
C o -C u rren t Refin ing. Figure 5-1 represents the temperature distribution for a 
parallel flow heat exchanger. That is, both the hot stream (denoted by the subscript h) 
and the cold stream (denoted by the subscript c) flow in the same direction.
There are two important features to this distribution. First, the temperature 
difference, AT, between the two streams changes considerably from the inlet position 
(1) to the outlet position (2). The importance of this can be seen in the effect on the 
rate of this system on heat transfer. Heat transfer may be expressed as,[63]
q =  UAA Tlm ( 5-4 )
where U is the overall heat transfer coefficient, A is the surface area, and
AT = -A T .-  AT
ta ln (A T ,/A T 2) (5 ' 5 )
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From Figure 5-1 the temperature differences AT! and AT2 are expressed as,
AT, = TA h , i - T C,1 (5-6)
a t 2 -  TA h , o - T C ,0 (5-7)
where Thl and Th o are the hot stream inlet and outlet temperatures, and TC1 and Tc o are 
the cold stream inlet and outlet temperatures. Since the rate of heat transfer is 
proportional to the temperature difference, AT, the rate of heat transfer diminishes 
rapidly.
The second important feature is that the temperature differences between the 
two streams decays asymptotically toward zero.[63] This means that the outlet 
temperature for the cold stream can never be greater than the hot stream outlet 
temperature.
C oun ter-C u rren t Refining. In Figure 5-2 it can be seen that the change in the 
temperature difference at points 1 and 2 is small in comparison to those shown in 
Figure 5-1. With this configuration heat is transferred between the hot portions of the 
two streams at position 1, and between the cold portions of the two streams at position 
2 1631 From Figure 5-2 it can be seen that the temperature differences at points 1 and 2 
are given by the expressions
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(5 -8 )AT, = Th l -  Tco 
AT2 = Thi0 -  Tc,, ( 5 - 9 )
Since the temperature difference remains relatively constant, from equation ( 5-4 ) the 
rate of heat transfer will also remain relatively constant.
One important difference between the parallel and counter flow systems is that 
it is possible for the cold outlet temperature to be greater than the hot outlet temperature 
in the counter flow system, while this is impossible for a parallel flow system.
For any set of values for Th i, Th o, TC i and Tc o, the log mean temperature 
difference for a counter flow heat exchanger is greater than that for a parallel flow 
system. Since for these systems surface area and overall heat flow coefficient remain 
constant, when these log mean temperature values are fed into equation ( 5-4 ) it can be 
seen that the rate of heat transfer is also greater for the counter flow system.
Since these principles can be extrapolated across to mass transfer, it is 
apparent that a counter-current reaction launder would potentially be more efficient 
than a co-current launder. This has important ramifications for industry. It means that 
it could be possible for a smaller counter-current reactor to be required to yield the 
same degree of refining found in a co-current reactor of equivalent production capacity. 
As a consequence of this capital and maintenance costs would be less for the counter­
current system. It is also likely that the counter-current system would have a smaller 
footprint, requiring less space and hence smaller premises. Since the costs for real 
estate, foundations, support structures and auxiliary equipment are considerable, the use 
of smaller furnaces to produce the same amount of high quality product is a strong 
incentive for studying counter-current systems.
Attention must now be drawn to the effect of co-current and counter-current 
flows on the two phases in a reaction launder at a more fundamental level. In both 
situations the mass flux drives the metal and slag phases toward chemical equilibrium. 
The difference between the two processes is in how the flow patterns effect the position 
of equilibrium.
By moving the two phases in the same direction, as in co-current processes, 
there is nothing being added to, or removed from, the system. This means that the
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position of equilibrium will remain relatively constant throughout the length of the 
reactor. However, for counter-current processes, with the metal and slag phases moving 
in opposite directions, products formed in the slag phase at any point in the furnace 
move in the opposite direction to the metal phase. Consequently, the same occurs for 
products dissolved in the metal phase.
To understand what this means, consider a particle moving through the reactor 
with the metal phase. The particle enters the system with the feed. At this point, both 
the slag and metal phases are at the highest impurity concentrations in the system while 
not at equilibrium. As the particle moves along the reactor, some of the impurities in 
the metal phase move into the slag phase in order to increase the impurity content of the 
slag, and bring the impurity concentrations of the two phases into equilibrium. The slag 
phase is, however, moving in the opposite direction to the metal phase. Therefore, the 
impurity concentration in the slag is decreasing as the particle moves with the metal 
phase. So instead of the impurity content of the slag increasing as this unwanted matter 
moves into the slag from the metal, it is decreasing. This effectively means that at any 
point in one phase at the interface, the reaction conditions are constantly changed by the 
phase moving in the opposite direction. By Le Chatliers principle, the position of 
equilibrium at that point will move in such a way as to counteract the change. Since 
this will occur along the length of the reaction launder, the equilibrium position is not 
the same for the whole system.
Returning to the heat transfer example, it has been mentioned in relation to 
Figure 5-1 and Figure 5-2 above that it is possible for the outlet temperature of the 
cold stream of a counter flow heat exchanger to be greater than the hot stream outlet 
temperature, while this is impossible for a parallel flow system. This has important 
consequences when extrapolated to concentration gradients in mass transfer.
Consider a co-current metallurgical reactor. Figure 5-1 can be used to describe 
the mass transfer effects of a co-current reactor by changing the ordinate to impurity 
concentration, and by considering the red and blue lines as metal and slag phase 
compositions, respectively. It is obvious from this simplified example that it would be 
impossible for the impurity concentration in the metal phase to be reduced below the 
maximum impurity concentration in the slag. The only way to reduce the impurity
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concentration further would be to remove the ‘dirty’ slag and replace it with fresh 
‘clean’ slag.
By modifying Figure 5-2 in the same manner as has been mentioned for Figure 
5-1, the graph can be used to describe the mass transfer effects along the length of a 
counter-current reactor. It has already been mentioned that it is possible for a counter­
flow heat exchanger to have a cold stream outlet temperature greater than the hot 
stream outlet temperature. Using the same process but for mass transfer, it would also 
be possible in a counter-current reaction launder to generate a slag with a higher 
impurity concentration than in the refined metal. This also means that it should be 
possible to produce a very clean refined metal using less fluxing agents.
There is another important ramification of this characteristic of a counter­
current system. In a continuous counter-current steelmaking operation it should also be 
possible to have very low losses of iron to the slag. Using Figure 5-2 again, but this 
time setting the ordinate as weight percent iron and considering the slag phase to be the 
red line and the metal phase to be the blue line, it can be seen that the iron content in 
the tapped slag in a counter-current launder can be reduced to concentrations below 
those that can be found in an equivalent co-current operation.
An ideal refining launder would have a high rate of mass transfer of impurities 
from the metal to the slag phase.1131 At the same time concentration gradients must be 
maintained along the length of the vessel in order for this mass transfer to be efficient, 
as is evident from equation ( 5-2 ). For both of these criteria to be met, complete 
mixing is required in the vertical direction to satisfy the former criteria, while to satisfy 
the latter requirement plug flow is required in the horizontal direction.
A mathematical equation was developed by Engh et ¿?/.[661 to describe counter­
current refining. This equation is used in two forms to describe mass transfer in the 
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where C is the concentration of impurity, m is the equilibrium partition ratio calculated 
using volume concentrations, Q is the volumetric flow rates, and P is the Peclet number. 
The Peclet number has already been defined in section 4.1.1 on page 47. The subscripts 
m and s indicate the metal and slag phases, respectively, k and z are the metal phase 
mass transfer coefficient and dimensionless distance along the refining arm, 







( 5 - 1 3 )
where K is the total mass transfer coefficient, b is the width of the slag/metal interface, 
L is the length of the refining reactor, A is the cross-sectional area perpendicular to the 
direction of metal flow, u is the flow velocity of the metal, and x is the distance along 
the reactor in the direction of metal flow.
Equations 5-10 and 5-11 were derived from a steady state dispersion model 
developed by Engh et al.{66] which incorporated metal flow rate, mass transfer, 
concentration and dispersion.[54] Both of these equations assume the refining to be mass 
transfer controlled.
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5.2 Concepts in Fluid Mechanics and Dispersion
A fluid is any substance that will deform continuously under any shear stress, 
irrespective of the magnitude of that stress.I50i Resistance to a shear stress is known as 
the absolute viscosity, p, of a fluid. Viscosity is defined mathematically by equation 5­
14. In dealing with fluids the absolute viscosity is often divided by the fluid density to 
give the kinematic viscosity, v.
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Fluids may be considered as being either viscous or inviscid. An inviscid 
liquid is a theoretical liquid with p is equal to zero. All liquids are viscous because as 
the liquid is deformed there are interactions between the atoms or molecules of the 
liquid, and p is always greater than zero. However, inviscid flow theory is used when 
Tvx is equal to zero, such as in flow outside a boundary layer.
Another characteristic of a fluid is that no slipping occurs at the interface of 
the fluid and the wall constraining the fluid.[50] Consequently, this induces a velocity 
profile in the fluid, known as the boundary layer, from the container surface into the 
bulk fluid. Fluid flow within the boundary layer is viscous flow. The fluid outside the 
boundary layer flows at a uniform velocity (Figure 5-3).
A difference in the two flow conditions shown in Figure 5-3 is the velocity of 
the fluid outside the boundary layer. . In Figure 5-3a this fluid flow rate remains constant 
while in Figure 5-3b the flow rate can be seen to have increased. This is because the 
flow through a pipe is constricted. Since the velocity o f the liquid in the boundary layer 
is slower than the liquid at the centre of the pipe, as the boundary layer develops along 
the length of the pipe the velocity of the liquid near the centre must increase to maintain 
continuity o f volume. For the flow over the infinite flat plate the fluid is considered to 



























Figure 5-3 Velocity profiles of incompressible laminar flow over (a) an 
infinite flat plate and (b) through a pipe[50].
The concepts of entrance length and fully developed flow are introduced in 
Figure 5-3 (b). Flow through a pipe is said to be fully developed when the velocity 
profile does not change as the distance, x, is increased.[50] The distance downstream of 
the entrance of the pipe in which it takes for this fully developed flow to occur is known 
as the entrance length. Note that the entrance length is slightly longer than the distance 
where the boundary layer from the two sides converge. This is because the velocity 
profile continues to change in this distance between the point at which inviscid flow 
ceases and where the flow is fully developed.
The entrance length has been found to be related to the Reynolds number by 
equation 5-15.
L = 0.06 Re D (5 -1 5 )
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where D is the hydraulic diameter and Re is the Reynolds number as defined on page 
35. Using this equation it can be shown that the entrance length can be as long as 138 
diameters from the entrance of the pipe or channel for laminar flow. Even at a low 
Reynolds number, such as 200, the entrance length can be 12 diameters.
Four types of lines are used in fluid mechanics to enable the researcher to 
visualise the behaviour of a fluid. These lines are known as timelines, pathlines, 
streamlines and s t r e a k l i n e s Timelines are used to observe how a fluid deforms with 
respect to time.t50i A timeline consists of a line joining adjacent particles in a fluid at a 
given instant in time. By observing this line at subsequent intervals of time an 
understanding of how the fluid flows is developed. Streaklines also give an 
understanding of how a fluid deforms. These lines are lines joining adjacent particles 
which have passed through the same point in space.
Pathlines are lines following the path a particle travels as it flows through the 
fluid, and streamlines are lines which are drawn tangential to the flow of the fluid at 
every point in the fluid.
Dispersion is a spreading of a group of particles in a liquid. It occurs due to 
diffusion and a non-uniform velocity distribution across the cross section of the flow.f51] 
The inverse Peclet number is often used to compare the mixing of different systems and 
conditions.
For refining purposes, the lower the inverse Peclet number the more effective 
the channel is at preventing impurities from being carried over into the product. Figure 
5-4 illustrates the significance of mixing for a launder and how this is related to 
longitudinal mixing, as measured using the inverse Peclet number. (See page 47 in 
section 4.1.1 for the definition of the Peclet number.)
Consider the concentration of a tracer of some description measured at the exit 
of a continuous refining vessel. If the vessel is completely mixed the tracer would be 
completely dispersed throughout the vessel without the presence of a concentration 
gradient anywhere within the vessel. As time progresses there is liquid leaving the 
vessel and fresh material being fed in. This means that the tracer becomes diluted with 
time and decays asymptotically. From Figure 5-4 this type of concentration profile is 
seen to have a 1/Pe value of infinity.
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In contrast to this, for a refining vessel in which there is plug flow of the liquid 
contents, when the tracer is added to the vessel it does not appear at the vessel outlet 
until the residence time of the tracer is equal to the average residence time of the 
contents of the vessel. Since there is no mixing under the conditions of plug flow, all of 
the tracer leaves the vessel at once. In this case the 1/Pe value is zero.
In practice neither completely mixed flow nor plug flow will occur in a vessel. 
In a mixed reactor there is always a time interval for equilibrium to be re-establised 
when the system has been changed. At the other end of the spectrum there is always 
dispersion in a vessel caused molecular diffusion and wall effects which prevent plug 
flow from being established.
The fluid flow rate also affects dispersion. Figure 5-5 is a correlation 
developed by Levenspiel[85] for dispersion with respect to Reynolds number for fluid 
flow through pipes. The correlation indicates that dispersion increases with Reynolds 
number for laminar flow. When the flow is turbulent this trend is reversed and 
dispersion is seen to decrease rapidly as the Reynolds number is increased to
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Figure 5-5 Correlation of dispersion versus fluid flow rate for pipes. [8 5 ]
approximately 30 000. As the flow rate is increased further the dispersion does not 
significantly change.
5.3 Cold Modelling
Cold models are used to gain an understanding of industrial processes. Cold 
modelling may be carried out to improve an existing process, or as in this generic study, 
as an aid in the development of new processes. These models also allow characteristics 
of flow which occurs in industrial sized vessels to be easily analysed with respect to
75
changing geometry and other parameters. Changes to cold models are cheap and allow 
ideas to be investigated without wasting money on altering or building furnaces.
Models are usually of similar dimensional ratios, but not necessarily of the 
same scale, as the process being modelled. The actual dimensional ratios depend on the 
parameters under investigation. Dimensionless numbers are used to maintain parameter 
similarity between models, model and prototype, model and industrial process, or 
prototype and industrial process.
5.3.1 Tracers used in Cold Models
Tracers are used to analyse some characteristic or parameter. The tracer used 
in a cold model will depend on whether the results required are to be qualitative or 
quantitative, and on what is being used in the model. In some cases, the same tracer 
can be used for both qualitative and quantitative work. The dye methylene blue can be 
used to observe flow patterns, and with a spectrophotometer the dye concentrations can 
be measured.*861
In many cases, care needs to be taken in the choice of tracer. An example is 
the investigation of surface tensions. The choice of tracer is important in this case 
because the addition of a tracer will alter the surface energy of the phases, and hence 
have an effect on the results. It would also be pointless to use an electrolyte as a tracer 
where the fluid used in the model is highly conductive.
The tracer is usually added at the inlet and measured at the outlet, and can be 
added to a system either continuously or as a pulse. *45] From the analysis of the 
response of the tracer to the system, it is possible to determine the degree of mixing 
within the system and if  short-circuiting is occurring. It is also useful in analysing the 
amount o f dead flow in the system.
Figure 5-6 is used to illustrate the tracer responses to the theoretical extreme 
conditions found in a system. Figures (a) and (c) are for a vessel in which plug flow 
occurs, while a completely mixed vessel is described by the curves in (b) and (d). The 
responses are shown for the two types of tracer addition mentioned above.
There is no mixing under plug flow conditions so the tracer response measured 
at the outlet of the system is the same as that entering the system. For continuous
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Figure 5-6 Tracer response to the extremes of mixing conditions in a system.[45] (a) 
and (c) indicate the response to plug flow, while (b) and (d) are for the completely 
mixed reactor. The two types of tracer addition shown are continuous addition of 
tracer(a and b) and the addition of the tracer as an instantaneous pulse(c and d). Ct = 
tracer concentration at the outlet; C0 = tracer concentration at the inlet; C = 
concentration of the tracer when completely mixed in a volume of liquid the same 
volume as in the system; t = instantaneous time; and t = average residence time of the 
liquid in the system.
addition of the tracer there is no tracer measured at the outlet until the time is the same 
as the average residence time of the liquid in the system (Figure 5-6a). Once this time 
has been reached the concentration measured at the outlet is the same as that at the 
inlet. From this point on the tracer concentration does not change because the tracer is 
added continuously.
Likewise, when the tracer is added as a pulse it is not measured at the outlet 
until the time is equal to the average residence time of the liquid in the system (Figure 
5-6c). Since the tracer was added as a pulse it is measured as a pulse at this time.
The situation is different for a completely mixed vessel. Once the tracer is 
added to the system it is uniformly mixed throughout the liquid. The effect of adding a 
tracer continuously to this system is shown in Figure 5-6b. When the tracer is first 
added to the system the volume of tracer with respect to the volume of all the liquid in 
the system is small as such has a low reading at the outlet. As time increases and the
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proportion of tracer in the vessel increases, the amount of tracer measured at the outlet 
also increases.
Figure 5-6d is the response curve for the addition of tracer as a pulse to a 
completely mixed reactor. The curve is the opposite to that of continuous tracer 
addition because all the tracer is added to the system in an instant at time zero. Since 
the vessel is completely mixed the tracer concentration in the liquid at the outlet is also 
at a peak at time zero. As more liquid is added to the system the tracer is diluted with a 
corresponding decrease in the amount of tracer measured at the outlet.
Neither of these two extremes occurs in industry as described above. In 
practice the degree of mixing falls between these two extremes.
5.3.2 Modelling Criteria and Limitations
A cold model is built to investigate a particular parameter. This is not to say 
that it is not possible to determine other parameters from the model than those for 
which the model was built, but care must be taken in extrapolating these other 
parameters to the real process. For example, almost all cold models are based on using 
a liquid with inert gas injection.[87] However, in most metallurgical processes reactions 
do take place between gas and liquid, often resulting in a change in the volume of the 
gas and in the characteristics of the gas bubbles. This will be shown in section 5.3.3 
below.
This gives rise to another limitation of using a cold model to simulate 
industrial processes. In metallurgy, most extractive processes are carried out at elevated 
temperatures. Consequently, as the injected gas comes into contact with the melt, 
thermal expansion occurs increasing the volume occupied by the gas. Parameters 
dependent on gas flow rate will be affected, and need to be taken into consideration 
when comparing the model to the real life industrial process. In many metallurgical 
applications the gas will react with different species in the melt to form new compounds 
or gases, such as in the Bouduard reaction (See reaction 3-8 in section 3.1.1).
There must be similitude between the model and the process under 
investigation. Where possible it is desirable to have similitude in geometry, mechanical 
and dynamic characteristics, and thermal and chemical properties.14̂  In practice this is
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not possible and similitude must be maintained in the areas important to the parameters 
under investigation.
Similarity between model and prototype is achieved through the use of 
dimensionless numbers. When investigating the influence of inertial forces with respect 
to frictional forces the Reynolds number is used.i45] If the Reynolds number for the 
fluid in a model is the same as that for the prototype being modelled, then the 
relationship between the forces mentioned above will be similar in the two systems. 
Similarly, in cases where gravitational and inertial forces are significant, such as in 
tapping operations, the Froude number is often used. Also, in systems where mass 
transfer is induced by natural convection the Grashof number can be used as a 
modelling criteria.
Geometrical similarity is maintained be scaling up (or down, as applicable) the 
dimensions of the structure being modelled. The ratio of the diameter of the hearth of a 
smelter reactor to the hydraulic diameter of the refining zone in the model should be the 
same as that measured in the full scale process.
5.3.3 Modelling of Gas Injection
Gas injection is used in many metallurgical processes to provide mixing and 
gas for reactions in oxygen steelmaking and other refining processes. Sometimes it is 
preferred for the gas to be admitted to the melt below the level of the bath through
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Figure 5-8 Measurement of the influence of the primary 
and secondary swirls on the body of water.[86] Lance 
height of 10 cm above the bath.
tuyères, while in other systems gas injection is through lances above the bath. There is 
a constant drive to find better and more efficient use of gas injection. This has led to a 
need to determine exactly what happens when either or both of these techniques are 
used in a process, and the techniques have been modelled.
Conochie and Grayf86] used a 10 cm wide by 130 cm long channel to 
investigate the influence of lances on the fluid contained in the model. As filtered tap 
water flowed along the launder at a depth of 3.1 cm and a flow rate of 1 1 min'1, these 
researchers observed a swirling motion generated by the action of a single lance. This 
was termed a primary swirl (Figure 5-7a) and occurred both upstream and downstream 
of the lance. Of note is the elongation of the swirl caused by the presence of the bottom 
of the launder. It was also observed that there was only partial mixing between the 
primary swirls on either side of the point where the gas jet interacted with the surface.
As more energy was transferred to the bath (through increasing the momentum 
of the gas je t stream) the downward shear force of the primary swirl produced a 
secondary swirl (Figure 5-7b).[86] Changes in the momentum of the jet stream led to a 
change in size of the secondary swirl, but no noticeable change was noted in the size of 
the primary swirl. However, Conochie and Gray^861 did note that the velocities of the 
fluid within the swirls did increase with increased energy from the jet stream. The 
velocity of the fluid in the primary swirl was always greater than that of the secondary 
swirl.
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Figure 5-9 Flow patterns observed in a 
three phase lance gas injection system.[64]
It was found that there is a limit to the distance upstream in which the lance 
induced disturbance had an effect.[86] This trend is seen in Figure 5-8. As the 
momentum of the jet stream was increased, the rate of change in the distance of bath 
disturbed by the lance was decreased. This indicates that there is a maximum distance 
in which mixing induced by lance gas injection will influence the liquid in a launder.
It was also shown that if multiple lances are used at a spacing greater than 
twice the distance in which mixing due to the primary and secondary swirls occur, no 
intermixing occurs between the mixing zones of adjacent lances. If the spacing of the 
lances is decreased to below this distance, intermixing will increase but not to the 
extent of complete mixing.
Unlike the two phase situation described above where the liquid flows upward 
at the point of impingement from the lance gas jet, when an extra phase is added the 
liquid in the denser phase flows downward as shown in Figure 5-9.[64] In the 
experiments in which this flow pattern was observed the depth of the oil and water 
layers were 15 mm and 120 mm, respectively. Naturally there must be a critical oil 
layer thickness with respect to the lance air flow rate in which a transition between the 
two flow patterns will occur. However, this value was not indicated by the authors of 
the paper.
Cold modelling of tuyère practices have also been carried out to determine the 
effects of altering different parameters on axial dispersion. Iyer and Sohn[22] have 
shown that the following factors decrease axial dispersion in a counter-current, tuyère 
injection process.
1. Increas ing  the heavy liq u id  f lo w  rate. The increase in the velocity of the 
liquid causes the fluid flow along the launder to become more prominent 
than the effect of backmixing.
2. D ecreasing  the gas f lo w  ra te  through the tuyères. This has been related to 
the decrease in gas energy resulting form the lower gas flow rate. 
Backmixing is reduced because there is less turbulence and recirculation.
3. Increasing  the d iam eter o f  the injector. Changing the injector diameter 
effectively changes the velocity of the gas flowing into the liquid, and hence 
the energy of the gas as mentioned at point 2 above. An increase in the 
diameter decreases the kinetic energy of the gas and thus reduces 
backmixing.
Research has shown that the spacing between the tuyères is important in 
controlling the dispersion along the length of the launder.[l0, 13,22] However, it is 
impossible to determine what these trends are because papers by different authors
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are contradictory. Two papers state that the axial dispersion increases to a maximum 
at a tuyère spacing to launder width ratio of 1,[13,221 while another paper shows this 
value to be a minimum.[10]
It has also been shown that the typical flow pattern in a tuyère blown 
refining launder is as illustrated in Figure 5-10.[10,13,22] It is interesting to note that 
the flow pattern observed for both tuyère and lance blown processes are similar. 
This can be seen by comparing Figures 5-7 and 5-10. Both blowing regimes result in 
an upward current at the point of contact between gas and liquid, followed by a 
downward current at a distance which is approximately the depth of the launder 
away from where the gas is acting on the bath.
Since these two gas injection regimes produce similar fluid flow patterns, 
tuyère injection would also have a limited zone of disturbance within which the 
injection of gas affects the fluid flow in the channel. It should be possible to develop 
a relationship of distance of flow disturbance versus tuyère gas injection energy 
similar to that developed in Figure 5-8 for lances.
The flow pattern in Figure 5-10 is important because it forms ‘cells’ of mixed 
liquid. The action of the gas jets on the fluid generates two ‘cells’ between the tuyères. 
Each cell is analogous to a tank of completely mixed liquid. Levenspiel[62] used the 
tanks in series model to show that the more tuyères present along the refining arm, the 
closer the liquid flow is to plug flow. For the present work, it was expected that the 
dispersion along the refining arm was already close to plug flow and the addition of the 
tuyères would improve this tendency further. However, if the flow rate of the gas 
flowing through the tuyères is too high the liquid flowing along the refining arm would 
become too turbulent. This would reduce the efficiency of the refining arm by making 
the axial dispersion larger, requiring a larger vessel to bring about the same degree of 
refining.
One measure of the effectiveness of a launder refining process is the degree in 
which mixing occurs along the length of the launder. This is known as axial dispersion 
and is analysed using the inverse Peclet number. Research has shown that the axial 
dispersion decreases as the fluid flow rate is increased in a refining launder of constant 
geometry along the length of the launder.[13’22’54,64’88] This trend can be seen in Figure 
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Figure 5-11 Changes in the axial dispersion (D/uL) with respect to the fluid flow
rate. [5 4 ]
The significance of this trend is that it suggests that the refining efficiency of a 
refining launder increases with productivity. However, this does not account for the 
reaction kinetics involved in the process. A system which approximates plug flow 
along the length of the launder will prevent impurity carry-over into the product, but 
without sufficient mixing in the vertical direction to bring the bulk metal phase into 
contact with the slag, the refining will not be complete. Therefore, if  productivity is 
increased to a state where there is not sufficient interaction between the phases then the 
quality of the product will suffer.
The cold model studies represented thus far have all been based upon the use 
of an inert gas injected into a liquid. According to Taylor et a l [S7] almost all of the cold 
modelling research to date has been based on inert gas injection. Reactions between 
gases and the melt do occur in most metallurgical operations. The notable exception to 
this is when an inert gas is used to generate stirring in a ladle.
This imbalance in research prompted Taylor et a l [S7] to investigate the 
differences in gas bubble behaviour observed when an inert or reactive gas was used. 
For the experiments in which bubbling of an inert gas into a liquid was modelled, 
nitrogen was injected into water (Figure 5-12a). In the experiments modelling the gas
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Figure 5-12 The different characteristics observed for
0 . f871
injection of (a) an inert gas, and (b) a reactive gas. J
injection of a reactive gas, hydrogen chloride gas was bubbled through a solution of 
sodium bicarbonate (Figure 5-12b).
As can be seen from the photographs in Figure 5-12 the characteristics of the 
bubbles in the two systems was quite different. For the reactive gas system the product 
gas bubbles generated were less than 1mm in diameter and were formed at the point 
where the gas entered the container.[87] In contrast to this the bubbles formed by inert 
gas injection were very large and distinct in comparison. From Figure 5-12a it is 
apparent that the bubbles would have formed at the injector and became dislodged only 
when the buoyancy force of the bubbles were greater than the surface tension holding 
the bubbles to the base.
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Figure 5-13 Times for complete mixing with respect to gas 
injection rate and reactivity of the gas.[87]
These differences in the bubble characteristics also have different mixing 
efficiencies. In order to determine the time for complete mixing Taylor et a l. [ used an 
ion selective electrode to measure the concentration of a sodium fluoride tracer. The 
results of these experiments are shown in Figure 5-13. From this graph it can be seen 
that the use of the inert gas was more efficient than the reactive gas. It is also seen that 
the mixing time decreased as the gas injection rate was increased. This was attributed 
to the different shapes of the bubbles and their sizes. Due to the larger size of the 
bubbles produced by inert gas injection, these bubbles became spherically capped and 
tended to generate more drag on the liquid as they flowed to the surface. The size of 
these bubbles was also a factor in causing drag. Since the bubbles from the reactive gas 
injection were smaller these bubbles were spherical in shape. The smaller bubbles 
travelled through the liquid more slowly, and due to the smaller size caused less drag on
the liquid
There was also a corresponding difference in the conditions observed at the 
surface of the liquid. Due to the smaller size of the bubbles produced by reaction, these 
bubbles have a longer residence time in the melt than the larger bubbles from inert gas 
injection. When these smaller bubbles reach the surface they produce less disturbance
at the surface.
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These results have been found to be in agreement with observations of the 
surface of liquid metal. Through the use of high speed films it has been found that large 
gas bubbles burst at the surface of liquid iron when an inert gas is injected into the bath, 
and the surface of the bath is highly irregular.[87i However, when a reactive gas, such as 
oxygen is injected, the surface of the bath is noticeably calmer than when an inert gas is 
used. The bath is also found to swell due to the entrainment of the very small gas 
bubbles produced in the reaction.
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Table 6-1 Comparison of kinematic 
viscosities.
Kinematic Viscosity
/ 2 - K(m s )
298 K
Water110-88-891 9.11 X 10'7
1873 K
Refined Steel[I0] 8.57 X IO'7
Steel1101 8.82 X IO'7
6. Experimental
The aim of the study was to determine whether the close proximity of a highly 
stirred smelting zone would create excessive axial dispersion in a refining launder 
attached to the side of the smelting vessel. Cold modelling was chosen to study this 
problem because it allowed flow patterns within the model to be observed, and also 
allowed different geometries to be evaluated quickly and cheaply.
Since the dispersion of a fluid is related to the momentum of the fluid and the 
forces which retard the flow to the liquid, the Reynolds number (equation 6-1) was 
chosen to maintain similitude in the flow conditions between different scales of the 
system under investigation. Equation 6-1 has been rearranged to equate the Reynolds 
number with respect to the fluid flow rate instead of the average fluid velocity.
R e - i â
7Cdo (6 -1 )
When modelling a given metallurgical system the ratio of the fluid flow rate, 
Q, to the hydraulic diameter, d, may be kept constant when scaling down from 
prototype to model because Q is controllable. Therefore, the flow conditions within the 
system can be related to the kinematic viscosity, u. Therefore, to maintain the same 
conditions in the model and the prototype the value of o must be the same for both of 
these systems. Water was chosen to simulate the liquid metal phase because water has 
a similar kinematic viscosity at STP as steel at 1873 K (Table 6-1).
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Two models were made during this research project. These models were
approximately —— and —— scale models of a possible 100 tonne/hr furnace with a 
150 100
Reynolds number of 800 in the refining launder. This value for the Reynolds number 
was chosen after consideration of earlier research on the effect of Reynolds number on 
axial dispersion113,22,34,64,88i, and an estimate of a flow rate which could be practically 
used in such a steelmaking process. Since this was a generic study and a range of flow 
rates were used in this research, the value of 800 is arbitrary and may prove to be too 
large, resulting in unacceptable refractory erosion. However, it is useful for providing a 
benchmark for future comparisons.
6.1 Apparatus
Conventional rotameters were used to regulate the water and air flow from the 
water supply and gas cylinders for the two perspex models built for this research. 
Since the pressure of the water supply was found to fluctuate, it was necessary to attach 
a pressure regulator to prevent the water flow rate from changing while the tests were in 
progress.
For qualitative analysis of the flow conditions present, a video camera and a 
Ricoh KR5 35 mm camera were used The film used in the 35 mm camera was 
ASA400. Methylene blue at a concentration of 1 g/L was used as the dye tracer for 
these experiments. This dye was also used in the semi-quantitative experiments.
Quantitative experiments were carried out with the aid of a PC to log 
temperature with respect to time. Measurement of the temperature was made with 
National Semiconductor LM 335 integrated circuit temperature sensors. The 
specifications for these sensors are given in APPENDIX H. Lab View software was 
used to log and manipulate the measured data to obtain the value for the axial 
dispersion. Section 6.1.1 provides a description of the software program written for this 








Figure 6-1 Schematic of the 1/150 scale model 
used to simulate a refining arm attached to a 
smelting vessel. The positions 1-6 indicate 
access points through the top of the refining 
zone.
C old  M odel #1 ^1/150 Scale M odel)
The first perspex model built was primarily used to develop an understanding 
of the system, and proved useful for observing trends in the dispersive behaviour of the 
fluid within the refining zone of the model.
To simulate a smelting vessel a cylinder with an internal diameter of 188 mm 
was mounted vertically. Attached to the side o f this cylinder, representing a refining 
arm, was another cylinder with an internal diameter of 43 mm and a length of 340 mm. 
A weir was attached to the end of the refining cylinder to produce bath depths of 29 mm 
and 56 mm in the refining and smelting zones, respectively. Water and air were passed 
through conventional rotameters and fed into the reactor as shown in Figure 6-1.
C old  M odel #2 (\  /100 Scale M odel)
From the knowledge gained in using the first model a second model was built 
(Figure 6-2). In order to maintain similitude between the two models, the second model 
was built with a similar ratio of the smelting zone diameter to refining arm hydraulic 
diameter. The important dimensions and bath depths for the second model are given in 
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(a)
Figure 6-2 (a) Schematic and (b) photograph of the 1/100 scale 
model used to simulate a refining arm attached to a smelting vessel.
different water levels associated with the different flow rates of water used in the 
experiments.
A major handicap experienced with the first model was that access to the fluid 
in the refining arm could only be made through the holes drilled in the top of the 
cylinder at the points shown in Figure 6-1. To overcome this deficiency when building 
the second model, the cylinder representing the refining zone was replaced with an open 
channel. This meant that there were no restrictions on the placement of the sensors, or 
on the point at which the tracer could be added, along the length of the refining arm.
Another advantage of this open channel was that it became possible to add the 
tracer as a sheet of liquid instead of as a stream coming straight out of a tube. The 
barrier illustrated in Figure 6-2 at the exit of the tracer injection pipe was used to spread 
the tracer across the width of the refining launder as it left the tube through which the 




































Table 6-2 Important measurements from the 1/100 scale model.
introduction of the tracer appeared to cause less disturbance to the flow conditions 
present within the refining arm.
6.1.1 Description of the Software
A software program was written to log temperatures during the thermal tracer 
experiments, and perform calculations on the logged data in order to determine the 
amount of dispersion that occurred under different conditions. This program was 
incorporated into a commercially available software package, LabView, which allowed 
the program to run in a Windows environment. In this environment the program 
allowed the passage of the thermal tracer to be observed on a graph displaying the 
temperatures measured at each sensor with respect to time. It was anticipated that it 
would not be possible to add the tracer to the system as a pulse so the program was 
written for ‘sloppy’ tracer addition as described by Levenspiel.[90]
As the program was running the data acquisition card acquired 20 samples per 
second from each of the four sensors. The first 100 samples acquired from each sensor 
at the beginning of each test were not logged, but averaged to provide a base-line for 
each sensor for that particular test. This effectively calibrated the sensors to the 
conditions within the model at the start of each test.
These averaged values were stored and used throughout the test to calculate a 
temperature difference with respect to these base-line values, using the following 
equation.
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(6 -2 )AT = T - T - N E F1 avg
where, T, and Tavg were the instantaneous and averaged temperatures, respectively, and 
NEF was an arbitrarily determined noise elimination factor.
Having now a base-line from which to measure changes in temperature, three 
values were calculated and stored 4on the run’ for each sensor. These values were:
A n = A T n + A „_1 (6-3)
Bn =  tnATn + Bn_j (6-4)
C„ = t„ATn + C n_[ (6-5)
where t is the time at which the temperature sample was taken relative to the start of the 
test. At the end of the test, these equations may be represented as:
A  =  S AT. (6 -6 )
B = S t iA Ti (6 -7 )
C  =  S t ?A Ti (6 -8 )
These values were then used to determine the temperature variance and mean 
times for the logged temperature - time distributions. From Miller et al.[9l] and 
Levenspiel[90], the mean time and temperature variance are given by,
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Once again these values were calculated for each of the four sensors.
In order to allow for greater flexibility in using the software, the program was 
written to allow the sensors to be used in one of three ways. These were:
1) 2 input sensors - 2 output sensors.
2) 1 input sensor -1 output sensor.
3) 1 input sensor - 3 output sensors.
Selections 1 and 2 gave a single solution for the axial dispersion for each test, while 
selection 3 resulted in three values for the axial dispersion, (ie. one solution for each 
output sensor)
Although the basic procedures were fundamentally the same, from this point 
on each of the three selections were treated slightly differently. For selection 1, the 
values for t and a 2 were averaged for the input sensors and the output sensors. The 
averaged input values were then subtracted from the corresponding output values to 
give At and A a 2. Solving for D/uL (the axial dispersion; also known as the inverse 
Peclet number (See equation 4-3)) from the equation,
Aa2
a F
D J  d V2 —  +  8 —  
uL VuL/
given by Levenspiel,[90] the axial dispersion was given by,
( 6-11 )
D AaV2
—  =  . ; - ■■■■ (  6-12 )uL 4At
The calculations for selection 2 were almost the same as those of selection 1 
except that no averaging was required because only two of the four sensors were used. 
The same procedure was used for selection 3, except that a solution for the axial 
dispersion was generated for each of the output sensors with respect to the input sensor.
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6.2 Results
Three different types of experiment were undertaken. The first was a 
qualitative look at the conditions within the model, and allowed a visual comparison of 
the changes in conditions as the mixing and fluid flow parameters were altered. 
Secondly, the conditions within the model were recorded on video tape. The rate of 
change in conditions was timed providing a semi-quantitative analysis of the conditions. 
Finally, the axial dispersion was measured using a thermal tracer technique to allow for 
a quantitative assessment of the flow patterns within the models.
6.2.1 Qualitative Results
In the 1/150 scale model the flow rates of water and air were altered to develop 
a matrix of photographs for melting zone mixing intensity with respect to refining zone 
Reynolds number. Mixing intensities of 37 W tonne'1, 75 W tonne'1 and 150 W tonne’1 
were used for the melting zone, while the Reynolds numbers used to simulate the flow 
of the liquid metal in the refining arm were 312, 618, 906, 1474 and 2809. The power 
of mixing the water was calculated using equation 6-13 developed by Schwarz.f52] This 
value was then divided by the mass of the water to give the mixing intensity.
p = 371-QT 2 • ln(l + 0.097H) -
H
10.3+ H ( 6-13 )
For each combination of mixing intensity and Reynolds number, 0.4 ml of 1 
g/L methylene blue was injected into the refining arm and a photograph taken 3 seconds 
after commencing the tracer injection. Photographs were taken of the tracer being 
injected at positions 1 (31 mm from the entrance of the refining arm) and 2 (93 mm 
from the entrance of the refining arm) as shown in Figure 6-1.
Although it was not possible from the still photographs to directly determine 
the effect of Reynolds number on the axial dispersion in the refining zone, another 
effect was noticed. This was that the axial dispersion in the refining zone appeared to 
increase with increasing mixing intensity in the smelting zone. However, this effect
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diminished with increasing Reynolds number over the range of Reynolds numbers 
mentioned above.
A video was used to record the flow patterns in the 1/150 scale model with 
respect to fluid flow rate and smelting zone mixing intensity. The same matrix of 
smelting zone mixing intensity and refining zone Reynolds number was used as 
described above for the still photographs. Observations from this video footage were as 
follows.
1. The waves in the refining arm, resulting from the mixing 
intensity in the smelting zone, increased in amplitude as the 
mixing intensity was increased. At the Reynolds number o f 600, 
the amplitude was seen to change from 4% of the bath depth in 
the channel at a mixing intensity of 38 W tonne*1 to 15% at 300 
W tonne*1. The same trend was noticed for all Reynolds numbers 
from 300 to 2800.
2. An increase in the bulk fluid flow rate caused the amplitude of 
these waves to be decreased. At the mixing intensity of 75 W 
tonne'1 the slopping amplitude decreased from 11% of the bath 
depth to 3% as the Reynolds number was increased from 300 to 
2800. This trend was observed for all the mixing intensities from 
38 W tonne*1 to 300 W tonne'1.
3. These waves caused the fluid in the refining arm to surge in a 
back and forth motion. As waves travelled along the launder, the 
water level in the launder changed. When tracer was added, it 
was observed that the tracer was spread over a smaller distance in 
the peak of a wave than in the trough.
These lengths mentioned in observation 3 above were dependent on the 
liquid flow rate, the depth of the liquid in the launder section, the amount of 
tracer added, the rate of tracer addition and the mixing intensity in the melter 
zone. No measurements were made of these lengths.
The final set of photographs taken of the conditions in the 1/150 scale model 
were a set in which continuous photographs were taken at approximately half second
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intervals and shown in APPENDIX A. This was undertaken to observe the 
development of the flow patterns within the refining arm. From these prints it can be 
seen that initially the fluid was flowing downstream under the influence of the bulk 
fluid (A - 1 ). In the next frame the fluid was moving more rapidly. This is evident in 
frame A - 2 from the tracer trailing behind the bulk tracer "cloud’ in the refining arm 
due to the bulk liquid being forced more rapidly downstream away from the position 
where the tracer was added. The tail end of the tracer can be seen to have moved 
upstream of this position in frames A - 3, A - 4 and A - 5. This occurred as the bulk 
liquid surged back due to the change in the water level as the high point of the water 
slopping in the larger tank moved away from the refining arm entrance. In the last three 
frames (A - 6, A - 7, A - 8) a disturbed region of tracer is visible at the tail end of the 
bulk tracer. This resulted from back mixing due to the mixing action within the smelter 
tank.
Photographs were taken of the flow patterns observed in the 1/100 scale model. 
The photographs in APPENDIX B show the effect of adding tuyère blowing on wave 
motion in a refining launder. When there is no tuyère blowing in the refining zone, the 
wave motion in this region was substantial (Figure B - 1 and Figure B - 5). At low 
tuyère blowing rates (1-2 L min'1) the gas plumes rising from the bottom of the launder 
were moved about by the action of the waves in the launder(Figure B - 2 and Figure B - 
6). As the blowing rate was increased to 4 L min'1, the plume became more steady and 
the waves in the launder had little effect on the motion of the gas plumes. Tuyère 
blowing in the refining arm appeared to have little effect on the progress of the waves 
down the launder.
A removable weir was added to the model to observe the effect of this type of 
obstruction to the flow of the liquid within a refining launder. The main impact of this 
weir was that the liquid between the weir and the exit of the model remained flat. As 
the water level changed as the waves moved down the launder, the level of the liquid 
between the weir and the exit of the model also changed; although this level did lag 
behind the water level on the upstream side of the weir. When the weir was removed 
the liquid in this section of the bath was part of the overall flow within the launder.
A tracer is used to provide information on the flow conditions within a system. 
In an ideal system the tracer should flow though the system with the same
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(c) Taken approximately 4 s after tracer added. Reynolds number = 2600.
(d) Taken approximately 63 s after tracer added. Reynolds number = 2600.
Figure 6-3 The tracer used in each of these photographs was 40 ml hot water mixed 
with 10 ml of 1 g L 'l methylene blue. No mixing was used in these tests.
(a) Taken approximately 26 s after tracer added. Reynolds number = 280.
(b) Taken approximately 125 s after tracer added. Reynolds number = 280.
characteristics of the fluid within the system and not influence the flow characteristics. 
Unfortunately this is difficult to achieve. The photographs in Figure 6-3 and Figure 6-4 
show how changing the tracer temperature affected the motion of the tracer in the 
model. Throughout all of the tests the bulk fluid within the model came from the town 
supply, and was approximately 22°C. There were minor fluctuations throughout the 
year due to changes in the temperature with the seasons.
When tracer was introduced to the bath at the same temperature as the fluid 
within the model, the tracer was distributed almost uniformly between the top and
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(d) Taken approximately 10 s after tracer added. Reynolds number = 2600.
Figure 6-4 The tracer used in each of these photographs was 40 ml cold  water mixed 
with 10 ml of 1 g L 1 methylene blue. No mixing was used in these tests.
(a) Taken approximately 26 s after tracer added. Reynolds number = 280.
(b) Taken approximately 63 s after tracer added. Reynolds number = 280.
(c) Taken approximately 4 s after tracer added. Reynolds number -  2600.
bottom of the launder (Figure 6-4a and Figure 6-4b). At a Reynolds number of 280, two 
regions in which the fluid did not interact with the bulk flow could be easily 
distinguished. These two regions occurred on either side of the removable weir(Figure 
6-4b). At the higher Reynolds number of 2600, these two regions became less evident 
(Compare Figure 6-4b with Figure 6-4d).
When the tracer was added to the bath as 40 ml hot water plus 10 ml of 0.1 
mol f 1 methylene blue, the tracer was seen to segregate to the top of the fluid (Figure 6- 





Figure 6-5 Flow patterns observed in the tank representing the melting zone. The two 
mixing patterns observed were, (a) is for no gas mixing in the smelter tank, and (b) gas
mixing in the melting tank.
temperature of that water was approximately 95°C. As the fluid flow rate was 
increased to a Reynolds number of 2600, as shown in Figure 6-3c and Figure 6-3d, the 
hot tracer was found to be more evenly distributed through the depth of the bath. At the 
Reynolds number of 2600 the hot and cold tracers can be seen to have behaved in a 
similar manner.
Another difference between the hot and cold tracer was the distance to which 
the bulk of the tracer had spread with respect to time. The hot tracer was found to 
spread over a greater distance in the same time period. It was also found that the cold 
fluid below this hot tracer flowed upstream, counter current to the direction of the bulk 
fluid. This occurred as a result of the convection currents formed as the hotter fluid 
became segregated to the top of the fluid in the refining arm and was only observed at 
the low flow rates.
In both of the cold models two main flow patterns were observed in the 
smelting zone tank. When there was no gas mixing of the smelter tank, the direction of 
fluid flow was as shown in Figure 6-5a. However, once gas was fed into the tank the 
direction of fluid flow was reversed as shown by Figure 6-5b. Above the mixing 
intensity of approximately 35 W tonne'1 in the smelting zone of the two models, a 
vigorous sloshing motion was generated which sent waves down the refining arm. This 
mixing intensity applied to Reynolds numbers of approximately 300 in the refining
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launder. As the Reynolds number was increased it was observed that slightly larger 
mixing intensities were required to produce the slopping motion. This relationship 
between flow rate and mixing intensity which was critical for the onset of slopping was 
not measured.
6.2.2 Semi-quantitative Results
The second set of results generated were semi-quantitative. A video camera 
was used to record the time taken for a dye tracer to travel to different parts of the 
model. Once again 1 g/L methylene blue was used, but this time 1 ml of the tracer was 
used and it was fed into the apparatus in the same position as the incoming water. The 
same matrix of mixing intensity versus Reynolds number was used. In these 
experiments, the times measured were for the:
- tracer to enter the refining zone,
- tracer to leave the refining zone,
- smelting zone to be completely mixed, and
- entire bath (smelting and refining zones) to be completely mixed.
The most useful results from this set of experiments were the times measured 
for the tracer to commence leaving the model, and to be completely mixed throughout 
the model. Graphs of these times relative to the time the tracer began entering the 
refining arm are given in APPENDIX E. For the semi-quantitative experiments, it was 
found that the times for the tracer to satisfy each of the four criteria above decreased as 
the mixing intensity in the smelting zone increased. The most prominent decrease in 
the times was for the lowest value of the Reynolds number used in the experiments 
(300). Table 6-3 is a list of the times measured for the tracer to begin leaving the model 
after the dye had begun to enter the refining zone. This decrease in the times with 
respect to the mixing intensity indicates that the dispersion within the apparatus 
increased with the mixing intensity.
A more pronounced effect was the decrease in time with respect to the flow 
rate of the liquid through the model. There was a rapid decrease in the time for the 
tracer movement as the Reynolds number was increased to approximately 800, and then 
the rate of change slowed dramatically. The results follow exponential decay curves
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Melting Zone Mixing intensity 
(W  tonne'1)
Reynolds
N um ber 38 75 150
310 21.3 17.7 16.3
620 11.5 9.7 11.8
910 8.5 7.4 8.2
1470 6.6 5.8 5.1
2810 3.8 3.1 2.8
Table 6-3 Time taken for the tracer to begin 
leaving the model after commencing to enter 
the refining zone. The times are measured in 
seconds.
and approach a minimum value. This minimum value was not reached in the range of 
flow rates used for these experiments, but a limit would be reached as the fluid flow 
rate is further increased when the time taken for the tracer to be completely mixed, or 
for it to reach a certain position in the model, would not decrease further.
Slopping in the refining zone was also seen to increase with the smelting zone 
mixing intensity. This became very pronounced at mixing intensities greater than 70 W 
tonne'1 to the extent that the water was ejected from the model in spurts instead of 
flowing out o f the model as a continuous stream of liquid. There did not appear to be 
much dispersion, instead the tracer appeared to be moving along the refining channel as 
a series of cells. An increase in the fluid flow rate was seen to reduce the tendency for 
slopping.
A dead zone was noticed behind the weir at the end of the refining zone, with 
the fluid approximating plug flow along this zone. The size of the dead zone 
diminished as the mixing intensity and fluid flow rate was increased. Slopping in the 
refining zone was observed to substantially reduce the size of the dead zone.
6.2.3 Quantitative Results
During the set o f experiments to quantify the axial dispersion, an attempt was 
made to measure the effect on axial dispersion in the refining zone by altering the 
mixing intensity in the melting zone and adding tuyère blowing in the refining arm. A
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thermal tracer was used for this purpose. As the name of the technique implies, these 
experiments involved injecting an approximation of a pulse o f hot water into the bulk 
fluid (cold water) in the model and logging the temperature distribution near the 
entrance and exit of the refining zone with respect to time. For many o f the tests 
measurements were also made o f the temperature distributions at two intermediary 
positions between the positions mentioned above.
A preliminary series of experiments were undertaken in the 1/150 scale model. 
These preliminary results from the thermal tracer experiments have shown a decrease in 
the axial dispersion in the refining zone with increased mixing intensity for Reynolds 
numbers less than 1000, while for the Reynolds number o f 1474 the dispersion was seen 
to increase (Table D - 1 and Figure D - 1). These results also support the findings of 
Brooks^541 et a l in that the dispersion was seen to decrease with increased fluid flow 
rate. Also of note is that after the fluid flow rate had entered the turbulent regime 
(Reynolds number of 2809 in Figure D - 1) the mixing intensity did not appear effect 
the dispersion in the refining zone.
Following these preliminary experiments a number of thermal tracer 
experiments were carried out using the second cold model. The initial experiments on 
this model duplicated those of the first model and are presented in graphical form in 
Figures 6-6 to 6-9, and in APPENDIX E. An example of the raw data adjusted 
according to equation 6-2 is shown in Figure G - 1. Each combination o f mixing 
intensity versus refining arm Reynolds number were run a minimum of five times. The 
averages and standard deviations of the results obtained from outlet sensor 3 are 
presented in Figure F -1.
In all of these initial tests using 1/100 scale cold model, the three outlet sensors 
were used to obtain three separate values for the axial dispersion. The first observation 
of note is that the greater the distance from the inlet sensor, the higher the value for the 
inverse Peclet number. From section 4.1.1 the inverse Peclet number was expected to 
decrease with an increase in the distance from the inlet sensor.
The results with no gas injection show a decrease in the axial dispersion as the 
fluid flow rate was increased and is in agreement with other researched13,541. Adding 
mixing to the smelting tank caused a decrease in the axial dispersion at low Reynolds
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number, such as 280, 550 and 820. For example, when measured 155mm from the inlet 
(or reference) sensor the average value of D/uL decreased from 0.46 to 0.20 as the 
Reynolds number was increased from 280 to 820. However, at Reynolds numbers 
greater than 820 the addition of mixing to this zone did not change the dispersion 
significantly. When gas injection in the melting zone was used, changes in the injection 
rate (and hence the mixing intensity) did not significantly alter the axial dispersion 
measured in the refining zone.
Experiments were also carried out in the second cold model to analyse the 
effect of introducing tuyère blowing in the refining zone on the axial dispersion. The 
results from these experiments are shown in Figure 6-10 and examples of the raw data 
adjusted according to equation 6-2 are given in Figure G - 2 and Figure G - 3. Figure F - 
2 graphically presents the averages and standard deviations of these tests.
The results from this set of experiments on the 1/100 scale model had much 
lower axial dispersion. In comparison with the experiments without tuyère blowing in 
the refining arm, the values for axial dispersion calculated for this set of experiments 
were approximately five times lower. Flow patterns similar to those illustrated in 
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Figure 6-9
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Figure 6-10 Axial dispersion with respect to fluid flow through the refining arm at two 
different tuyère blowing rates in the refining arm.
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7. Discussion
In section 4 it was shown that a number of attempts have been made to 
produce steel continuously. These processes utilised both channel and emulsion 
refining. In the WORCRA process counter-current refining was used. This method of 
refining was shown in section 5.1 to be theoretically more efficient than co-current 
refining. Although the WORCRA process proved to be very efficient at refining, it had 
a low mixing and reaction intensity in the bowl region where the DRI and pig iron was 
melted.[21] This resulted in relatively poor productivity and high energy usage.
This research project was focussed on understanding the relationship between 
the mixing intensity in a melting vessel and refining in an attached refining channel. If 
the mixing intensity in the melting region of a WORCRA type furnace was increased, 
would this have a detrimental effect on the refining efficiency of the vessel?
Results from this work have shown that the mixing in a melting zone has little 
influence on the axial dispersion in an attached refining launder. Hence it appears that 
the development of a WORCRA style furnace with greater mixing in the zone in which 
melting occurs would not adversely affect the refining efficiency of the vessel. Another 
problem arose from this investigation in that the slopping induced by increased mixing 
caused the water to be ejected from the model in spurts. This could pose difficulties in 
handling of the product in an industrial sized furnace.
A more detailed discussion of the results follow.
7.1 Analysis of the Results
During the experimental stage of this work, slopping in the melting zone was 
found to be an important factor. In the video footage mentioned in section 6.2.1 it was 
found that the fluid oscillated back and forward violently. In many reactors the liquid is 
unable to escape, so waves moving about in such a vessel are reflected introducing 
more mixing. Brooks, Ross and Womer[21] proposed that this was not the case in the 
system under investigation in this study because much of the energy in the waves was 
dissipated as the liquid was ejected over the weir at the end of the refining launder.
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Consequently, there was little energy reflected back up the refining launder to promote 
back-mixing. Also, since some of the liquid was ejected with each wave the bulk liquid 
in the refining arm was always moving downstream, and in a sense the liquid was 
‘pumped’ along the launder.
7.1.1 Effect of Liquid Flow Rate on Axial Dispersion
It could be argued the dispersion would decrease as the fluid flow rate is 
increased because the liquid spends less time in the system and so there is less time for 
dispersion to occur. This study has shown a decrease in the axial dispersion as the 
liquid flow rate was increased when there was no blowing in the melting tank, and is in 
agreement with earlier work.113,54,88] A similar trend can be seen in fluid flow through 
pipes (see Figure 5-5 on page 75). However, the trend occuring during laminar flow in 
a channel (the current research) only occurs in pipes during turbulent fluid flow (Figure 
5-5). This may be due to the absence of a boundary layer at the free surface of the 
channel, or turbulence at the entrance of the channel resulting from the flow pattern in 
the main tank (as shown in Figure 6-5a on page 100). Since this comparison is for the 
non-blowing situation, the effect of surface waves would have been negligible.
It will be shown in section 7.2.2 that an increase in the fluid flow rate would 
show an apparent decrease in the axial dispersion due to the time it takes for the hot and 
cold liquids to segregate. This brings into question the validity of observations by other 
researchers who have used the technique.[l3> 54] In these studies it has been claimed that 
the axial dispersion decreases with increasing liquid flow rate.
The graphs in figures 6-6 to 6-9 and APPENDIX E are graphs of tracer 
movement as a function of time and fluid flow rate. The trends of dispersion with 
respect to Reynolds number shown in the earlier studies mentioned above are very 
similar to those shown in this research project. This suggests that it was not only axial 
dispersion that was measured in those studies but also the amount of thermal 
segregation taking place in the vessel as a function of fluid flow rate.
However, this trend has also been observed with the use of a tracer which 
would not have suffered from segregation. Koch et a l [64\  in their research to optimise 
a channel reactor for continuous steelmaking, used a conductivity tracer and also found
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a decrease in the dispersion as the fluid flow rate was increased. In the present work 
the dispersion can be said to have decreased with increased fluid flow rate. However, 
this increase would not have been to the extent to which the thermal tracer technique 
has indicated. Also, the values calculated for the dispersion by the thermal tracer 
technique were too large at low liquid flow rates, because the segregation of the tracer 
from the bulk liquid caused an increase in the dispersion of the tracer.
7.1.2 Effect of Smelter Zone Mixing Intensity on Axial Dispersion
The results from the thermal tracer experiments on the 1/150 scale cold model 
indicate that at low Reynolds numbers there was a decrease in the axial dispersion when 
mixing was commenced in the melter tank. When there was gas injected into the 
melting zone changes in the intensity of the mixing had little effect on the axial 
dispersion; a finding that is corroborated by Brooks et alJ541 In the case of the first cold 
model, the results show for Reynolds numbers of approximately of 1000 or less the 
axial dispersion decreased further as the mixing intensity was increased.
In contradiction to the thermal tracer results, the findings from the experiments 
using the dye tracer and video camera have indicated that the axial dispersion increased 
with the mixing intensity. It can be seen from the graphs in Figures 6-6 to 6-9 and in 
APPENDIX E that the times for the tracer to either commence leaving the model, or be 
completely mixed throughout the model, decreased with increased mixing intensity. 
Therefore, since these times for the tracer movement decreased this suggests that the 
dispersion had increased. However, these findings from the dye tracer and video 
camera experiments were measured qualitatively and subject to interpretation on when 
the criteria had been satisfied.
This increase in the dispersion was very small and the change in dispersion 
with mixing intensity decreased as the fluid flow rate was increased. This can be seen 
in the differences in the mixing times. For Figure C - 1 the time difference between the 
mixing times for 37 and 150 W tonne'1 at a Reynolds number of 300 was 5s, while at 
the Reynolds number of 2800 this difference was only Is. In Figure C - 2 these 
differences were 7s and 2s for Reynolds numbers of 300 and 2800, respectively. A 
reason for this decrease is due to a change in the difference in mixing intensity relative
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to the liquid flow rate. Consider the value of s/Q  (where s is the melting zone mixing 
intensity and Q is the liquid flow rate) for the two Reynolds numbers mentioned above. 
The value of s/Q  and is a measure of mixing intensity per unit volume of liquid 
flowing through the model. Since the fluid flow rate is higher at higher Reynolds 
number, s/Q  was less at a Reynolds number of 2800 than at 300. Therefore, for a 
given gas injection rate the mixing intensity per unit volume of liquid decreased as the 
liquid flow rate was increased. Consequently, the mixing of the liquid in the model was 
less and there was a decrease in the axial dispersion.
Due to the contradiction in the results of this study, it is hard to determine 
whether the dispersion was increasing or decreasing as changes were made to the 
intensity of mixing in the smelter zone. However, the experiments did show that any 
change in the axial dispersion due to changes in mixing intensity, whether it was 
increasing or decreasing, was minor. This is important because it means that changes in 
the melting zone mixing intensity will not significantly affect refining in an attached 
refining launder.
7.1.3 Tuyère Blowing in the Refining Arm
The results from the thermal tracer experiments utilising blowing in the 
refining arm were of limited value because it is difficult to determine the reliability of 
these results. The problems associated with the tuyère blowing experiments will be 
discussed in section 7.3 below. These problems can be summarised as follows.
1. A large spread of results relative to the mean.
2. Dilution of the tracer caused by the mixing between the tuyère 
points led to only a small amount of tracer present to produce a signal 
in the sensors.
3. This dilution effect from point 2 above, in conjunction with the 0.24 
K increment spacing of the analogue to digital converter, caused the 
logged data to be a poor representation of the temperature profile. This
is likely to have distorted the temperature variance and mean time 
values required for the calculation of the dispersion.
It is recommended that if axial dispersion is to be measured in a similar system (that is, 
with gas injection in the refining launder), then tracer addition should be made as a step 
function and not using a pulse, as in this research.
Observations using the dye tracer proved to be more useful in understanding 
some of the effects of introducing tuyère blowing to a refining launder. At low air flow 
rates into the channel, the plume of bubbles from the holes in the bottom of the channel 
were dependent on the flow of the water. As each wave progressed along the channel, 
the gas plume was seen to bend upstream and down stream as the water surged in those 
directions. At higher gas flow rates there was enough kinetic energy in the gas for the 
surging of the water in the channel to have little effect on the rising gas.
It was observed that the rising gas had a negligible effect on the wave motion 
along the channel. The wave motion was caused by a surge of liquid being forced down 
the launder by the slopping action in the melting zone. Consequently, the presence of 
tuyère blowing in the launder did not significantly abate the waves in the channel 
because the waves were associated with the changing water level.
7.1.4 Addition of a Weir
A weir was added to the channel representing the refining zone upstream of the 
point where the water exited the model. In a continuous counter current reaction 
launder a weir similar to this would be used to force the slag and fluxing agents to flow 
in the opposite direction to the metal phase. Photographs in APPENDIX B illustrate 
the effect of adding this weir. The presence of the weir in the launder disrupted the 
passage of the waves along the launder. By comparing Figure B -1 through to Figure B 
- 4 with Figure B - 5 and Figure B - 6 it can be seen that although the water level 
changed behind the weir, the water surface remained almost flat and the wave motion 
did not progress past the weir.
The presence of the weir changed the pathlines o f the fluid near the end of the 
channel as it flowed along the launder section and out of the model. Due to the 
presence of this weir, at the Reynolds number of 280 two dead flow zones formed
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where there was no mixing of the dye tracer with the bulk liquid. These two zones can 
be clearly seen to have formed before and after the weir in Figure 6-4b. However, when 
observed at the higher Reynolds number o f 2600 these two zones did mix due to the 
more turbulent flow associated with this flow rate and the constriction caused by the 
presence of the weir (Figure 6-4d).
Note that the Reynolds numbers given are for the average flow rates along the 
refining arm. Due to the constriction of the flow caused by the presence of the weir, the 
velocity of the liquid under the weir would have been between a quarter and a third 
larger than the average velocity.
7.1.5 Differences in the Two Cold Models Used
Although the trends in both of the models were similar, the measured values 
for dispersion in the 1/150 scale model were considerably larger than the values 
measured from the 1/100 scale model. This could be attributed to differences in the 
influence of the walls on the fluid flow and the method in which the tracer was 
administered to the system.
Wall effect. In fluid flow systems there is always a boundary layer extending 
from the vessel walls into the centre of the bulk liquid. The narrower the walls, the 
shorter is the entrance length before a fully developed velocity profile is established. It 
was shown in section 5.1 that the velocity o f the fluid changes across the width of the 
vessel due to the boundary layer. The differences in the fluid velocity across the 
channel would have caused the tracer to be "stretched’ and hence increased the axial 
dispersion. Although there is still a disturbance of the flow in wider vessels, more of 
the tracer travels further down the length of the vessel faster, resulting in the tracer 
becoming less dispersed. The differences in the ratios of length to hydraulic diameter 
for the two models was small, and therefore this effect would have been minimal.
Method o f  thermal tracer addition. Due to the size of the first model the tracer 
was added through a tube in the smelter section aimed into the entrance of the refining 
launder. As a result the tracer entered the vessel as a solid cylindrical stream which 
affected the fluid flow conditions in the model, particularly at low flow rates. The 
second model was larger than the first and had the benefit of easy access to the fluid in
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the refining section of the model. This allowed the tracer to be added as a sheet of 
liquid into the bulk flow and did not appear to affect the normal flow of the bulk liquid 
as much. Consequently, dispersion of the tracer was also reduced because mixing by 
the addition of the tracer was reduced.
Another difference between the two cold models was the geometry of the 
refining launder. A cylinder was used in the first cold model, while in the second a 
channel with flat sides and a semicircular base was used. In both models the water 
level rose as the flow rate was increased. As a consequence of this, the ratio of the 
liquid volume to wall contact area decreased for the 1/150 scale cold model as the flow 
rate was increased. Under the same conditions, this ratio was seen to increase in the 
1/100 scale model.
7.2 Limitations of the Tracer Techniques
Although both the dye and thermal tracer techniques did yield useful 
information, there are limitations to the use of both of these techniques which needed to 
be taken into consideration during the analysis of the results.
7.2.1 Dye Tracer
First impressions from the photographs taken in the qualitative experiments 
were that axial dispersion increased with Reynolds number. This observation is 
contrary to work carried out by other researchers^13,54,88]. It was found that the method 
of dye admission to the model was responsible for this apparent increase in dispersion. 
For all of the tests, the rate at which the methylene blue was administered to the bulk 
flow was constant, taking approximately two seconds. The ideal time for any tracer 
addition is 0 seconds. That is, one moment there is no tracer, the next moment all of 
the tracer has been added to the system as a pulse. This is obviously impossible to 
accomplish in practice.
It would have been better to have altered the concentration and amount of 
tracer added with changes in the flow rate o f the liquid in the launder section. As the 
flow rate was increased, the concentration of the tracer should have been increased and
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the amount o f tracer added decreased. This may have made the initial tracer profile in 
the bulk liquid more consistent as the flow rate was increased.
Although for a given fluid flow rate the average volumetric flow rate of the 
liquid remained constant for all mixing intensities, the peak instantaneous flow rate 
increased with mixing intensity. As a result of the time taken for all of the tracer to be 
introduced, the slopping motion o f the fluid due to mixing caused the tracer to become 
more dispersed as it was being administered to the refining arm. Since the slopping 
motion increased as the mixing intensity was increased, this gave the appearance of an 
increase in dispersion with mixing intensity. Other results from this research study 
have shown that this is not the case and have been discussed in previous sections.
7.2.2 Thermal Tracer
The thermal tracer technique has been used in cold models by several 
researchers to analyse fluid flow problems in metallurgical applications.f10, 34] From
the experience gained from the present work, it is advised that the technique be used 
with care. Several limiting factors were found during the course o f this research project 
and are outlined below.
The first problem associated with the thermal tracer technique was thermal 
segregation. Due to the differences in density accompanying different temperatures, the 
hotter fluid (tracer) dissociated from the bulk liquid and collected at the top. This can 
be clearly seen in Figure 6-3a and Figure 6-3b.
Secondly, thermal segregation introduced currents in the fluid which were not 
present in the model prior to the addition of the tracer. In extreme cases, the currents 
associated with thermal segregation caused the layer of cold liquid below the tracer to 
flow backward, counter current to the main direction of fluid flow.
Thirdly, the combination of thermal segregation and the associated currents 
caused the hot tracer to become dispersed more rapidly along the top of the liquid than 
the cold tracer. This can be seen by comparing Figure 6-3a and Figure 6-4a. Difficulty 
arises in knowing how much of the dispersion calculated by the software is related to 
the fluid flow conditions within the model, and how much was introduced by thermal
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segregation of the tracer. This result suggests the measured value for the dispersion is 
larger than would have occured had no tracer been added to the model.
This increase in the axial dispersion by thermal segregation can be seen 
quantitatively by comparing the graphs from the experiments carried out on the 1/100 
scale cold model with no blowing in the refining launder (Figures 6-6 to 6-9 and 
APPENDIX E). By increasing the distance from the reference sensor from 155 mm to 
391 mm, the measured value of the inverse Peclet number approximately doubled.
This increase in dispersion with distance shows there is a problem with the 
technique. It has been shown in section 4.1.1 that the inverse Peclet number should 
decrease with an increase in distance along the launder when the launder is uniform 
along it’s length. The equation for the dispersion (equation 4-4) lacks a parameter for 
mixing due to slopping and thermal segregation. Mixing due to slopping in the refining 
launder would have been constant over the region of the launder in which the 
measurements were made. This means that the problem with the technique would be 
due to thermal segregation which is a function of the density difference between the hot 
and cold phase, the convection currents produced by the movement of these phases, and 
the viscosity of the phases.
There is another factor which would have resulted in a decrease in the inverse 
Peclet number. All of the measurements were taken at the surface in the middle of the 
launder. It has been shown in section 5.1 that the velocity of the liquid at the centre of 
the launder would increase due to an increase in the size of the boundary layer, and to 
maintain continuity of the volume of the liquid. The effect of this would be to increase 
the value of the denominator in the equation for the inverse Peclet number (equation 4­
3), and hence decrease the value of the overall equation.
Another problem to contend with is that it takes time for the hotter liquid to 
segregate from the colder liquid. This means that when different flow rates of the bulk 
liquid are used, the dispersion associated with thermal segregation, and hence the 
overall dispersion, will be different. If the axial dispersion in a vessel remained 
constant over a range of flow rates the dispersion at lower flow rates will appear to be 
greater than at the higher flow rates due to this effect.
These observations o f the effects on the system when a thermal tracer is used 
indicate that extreme care needs to be taken in making claims about flow conditions
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when this technique has been used to model a system. It is not possible to directly 
correlate the data from a thermal tracer analysis to the industrial system being analysed. 
The technique may be useful in determining trends within a system, but without an 
understanding of the limitations the trends being measured could be quite different from 
those actually occurring within the system.
7.3 Reliability of the Results in this Research Project
The problems outlined for the two tracer techniques raise the question as to the 
reliability and accuracy of the results obtained in this study. In the case of the dye 
tracer the analysis relies on understanding the limitations of the method of tracer 
introduction and the conditions in the models. For low Reynolds numbers the results 
from the thermal tracer technique are believed to be larger than was actually occurring 
in the models due to thermal segregation of the tracer.
Throughout all of the experiments, including the tests with and without tuyère 
blowing in the refining zone, there was little change in the standard deviations of the 
results (APPENDIX F). This means that the method of tracer addition used in the 
experiments remained consistent for all of the experiments.
By comparing the two graphs in APPENDIX F it can also be seen that the 
average results in the tuyère blowing experiments were significantly lower than those 
without tuyère blowing. This is important because the ratio of the standard deviations 
to the corresponding averages from the tuyère blowing experiments was large. In some 
cases this ratio was greater than 50%. This means that the variation of the data with 
respect to the averages was large, and also that the results from the tuyère blowing 
experiments was less reliable than the experiments without tuyère blowing. For this 
reason there can be less confidence in conclusions drawn from analysing the 
quantitative results from the tuyère blown experiments.
There is another reason why the results from the experiments without the 
tuyère blowing were more reliable than those with tuyère blowing. In APPENDIX G 
are graphs of the raw data adjusted according to equation 6-2. It can be seen in these 
graphs that for conditions with no blowing in the refining arm the maximum 
temperature change measured by the sensors was approximately 2.5 K (Figure G - 1),
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while for the tests with 2 L min'1 blowing rate through the tuyères (Figure G - 3) this 
maximum change was only approximately 0.3 K. The reason for this change is due to 
dilution of the tracer through the mixing that occurred between the tuyère points. An 
example of the mixing pattern that was present is illustrated in Figure 5-10.
Each increment for the analogue to digital converter (ADC) was approximately
0.24 K. For the experiments without tuyère blowing there were sufficient data points 
above the datum to generate a graph which accurately described the temperature profile 
in the models. Unfortunately, when blowing was introduced to the refining section of 
the model this did not allow enough data points above the datum to adequately 
represent the temperature profile of the fluid as it flowed through the model. The graph 
was flattened, which in turn affected the variance and mean times of the curve. These 
two parameters were very important for the dispersion calculations, as can be seen in 
equation 6-12.
An important point to make of the experiments with tuyère blowing is that a 
large number of the tests failed to yield a result and several tests were re-run. It was 
found that 42% of the 1 L min'1 and 26% of the 2 L min'1 tuyère blowing rate tests did 
not provide a result. As a whole, 30% of these tuyère blowing tests failed. The worst 
case was for the test with 2 L min'1 tuyère blowing rate with a fluid Reynolds number of 
2600. Of the five tests run using these parameters only one test yielded a result. This is 
why the standard deviation for this set of parameters in Figure F - 2 is zero. The large 
number of failed tests brings into question the validity of the results that were 
successfully calculated from the temperature profiles.
A factor which is difficult to accommodate in a cold model is the differences 
in density associated with the carbon content of the steel. As decarburisation occurs the 
density of the steel increases. This density difference should induce flow patterns, 




This work has focussed on the practicality of attaching a refining launder onto 
a melting vessel. These two metallurgical reactors have different requirements for 
effective and efficient operation. The melting vessel must be vigorously mixed to 
efficiently melt the feed and provide adequate surface area for reaction to occur, while 
only vertical mixing can be tolerated in a refining launder to prevent carry-over of 
impurities and maintain the concentration gradient required for efficient refining.
The following was found in the course of this investigation.
• Mixing in the melting zone caused slopping which sent waves down the 
refining channel. This caused discontinuous ejection of liquid from the cold 
model.
• The waves travelling along the channel caused the fluid in the channel to 
surge back and forward as it moved toward the exit.
• When there was no mixing by gas injection, there was a decrease in axial 
dispersion with increased fluid flow rate.
• Quantitative results indicated a decrease in dispersion with increased 
melting zone mixing intensity for Reynolds numbers up to 1000.
• Qualitative results showed a minor increase in dispersion as the mixing 
intensity of the melting zone was increased.
• Changes in the mixing intensity in the melting zone had little effect on the 
axial dispersion in the refining channel.
• Tuyère gas injection in the refining launder did not affect or impede the 
progress of the waves travelling along the channel.
For a continuous counter-current steelmaking reactor there would need to be a 
weir near the exit of a refining channel to force the slag phase to flow counter to the 
flow of the metal phase. Adding a weir in this position of the cold model had two 
effects.
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1. The progress of the waves travelling along the channel was stopped at the 
weir and prevented from travelling to the exit of the channel. This meant that 
the liquid surface beyond the wier remained flat, although the level of the 
water did still rise and fall due to the changing water level on the opposite side 
of the weir.
2. A dead flow zone formed on either side of the weir at low liquid flow rates.
In the course of this research project problems were encountered in using the 
thermal tracer technique. The major problem was associated with thermal segregation. 
As the hot and cold phases of the liquid segregated, currents were introduced which 
increased mixing in the channel. This also exaggerated the effect of fluid flow rate on 
axial dispersion.
Tuyère gas injection is still believed to be beneficial to the conditions required 
in the refining launder, but this needs to be verified using a different tracer technique. 
This research has indicated that the faster the flow rate of the liquid the more efficient 
the process should be, though this may be constrained by other practical, physical and 
kinetic limitations. Although more is research required, this study indicates that it 
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A P P E N D IX  A
M od el #1: S eq u en tia l P h otograp h s o f  F low  D ev elo p m en t
The Reynolds number and melting zone mixing intensity for this sequence of 
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A P P E N D IX  B
M o d el #2: E ffec t o f  T u y ere  B low in g  in the R efin in g  A rm
For each of the photographs below, the Reynolds number and mixing intensity 
were maintained at 280 and 35 W tonne'1, respectively.
. . :
Figure B - 1 Tuyère Blowing Rate 0 L min' .
•T'V-yV, 1 ».
mmsmM
Figure B - 2 Tuyere Blowing Rate 1 L min' .
;S f  i s
Figure B - 3 Tuyère Blowing Rate 2 L min’1.
, - i S > >vj
Figure B - 4 Tuyère Blowing Rate 4 L min'
Figure B - 5 Tuyère Blowing Rate 0 L min' . Removable weir removed.
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A P P E N D IX  B
M o d el #2: E ffec t o f  T u y ere  B low in g  in the R efin in g  A rm
Figure B - 6 Tuyère Blowing Rate 1 L min'1. Removable weir removed.
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APPENDIX C
Results form the Semi-quantitative Experiments
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APPEN D IX  D 
Model #1: Thermal Tracer Results
Reynolds 
Number in 310 620 910 1470 2810
refining arm
Melting Zone
Measured values of D/uL
Mixing 0 - 2.51 0.92 0.53 0.57
Intensity 38 2.22 1.21 1.63 0.55 0.08
(W tonne'1) 75 1.79 1.44 1.03 0.83 0.67
150 1.26 1.05 1.08 0.80 0.42
Table D - 1 D/uL (axial dispersion) with respect to 
Reynolds number in the refining arm and smelting zone 
mixing intensity.
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Axial Dispersion versus Mixing Intensity
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Figure D - 1 Preliminary findings for the dispersion with respect to mixing intensity in
the smelting zone.
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A P P E N D IX  E
M o d el #2 C harts: N o B low in g  in th e R efin in g  A rm
Dispersion with respect to Reynolds Number for Outlet 2 at Mixing Intensities of 0.18
and 35 W/tonne 
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A P P E N D IX  E
M o d el #2 C harts: N o B low in g  in  the R efin in g  A rm
Dispersion with respect to Reynolds Number for Outlet 2 for Reynolds Numbers of 280.
550 and 820
(272 mm from Inlet Sensor)
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APPENDIX E
M o d el #2 C harts: N o B low in g  in the R efin in g  A rm
Dispersion with respect to Reynolds Number for Outlet 3 at Mixing Intensities of 0.18
and 35 W/tonne 
(391 mm from Inlet Sensor!
Reynolds Number








Dispersion with respect to Reynolds Number for Outlet 3 at Mixing Intensities of 53. 71
and 81 W/tonne 
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A P P E N D I X  E
M o d el #2  C h arts: N o B low in g  in  th e R efin in g  A rm
Dispersion with respect to Reynolds Number for Outlet 3 for Reynolds Numbers of 280.
550 and 820
(391 mm from Inlet Sensor)
Mixing Intensity (W/tonne)
F ig u r e  E - 8
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APPENDIX F
Model #2 Charts: Averages and Standard Deviations
All Results -  Outlet 3
0.9
Mixing Intensities (W tonne1)
a  Average 0
□  Average 17.74 
B Average 35.48
□ Average 53.22 
■ Average 70.96
□  Average 88.7
(0 Standard Deviation 0
□  Standard Deviation 17.74
□  Standard Deviation 35.48
□  Standard Deviation 53.22
□  Standard Deviation 70.96
□  Standard Deviation 88.7
280 550 820 1340 1860 2600
Reynolds Number in the Refining Arm
Figure F - 1 Averages and Standard Deviations of the measurements made at sensor 3 
during tests with no blowing in the refining arm. The data for these tests is shown in
Figures E - 5 to E - 8.
All Results fo r Blowing in the Refining Arm
Air Row Rate in Refining Arm
El Average 1 L min-1 
E S td . Dev. 1 L min-1
□  Average 2 L min-1
□  Std. Dev. 2 L min-1
280 550 820 1340 1860 2600
Reynolds Number
Figure F - 2 Averages and Standard Deviations of the measurements acquired during 
tests with tuyère blowing in the refining arm. The data from these tests is shown in
Figure 6-10.
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A P P E N D I X  G
M o d el #2: E x a m p les  o f  th e R aw  d ata  from  ex p erim en ts
Figure G - 1 Results from test 485.
Mixing Intensity: 35 W tonne"1
Reynolds Number: 280 
Tuyère Blowing Rate: 0 L min"1
Mixing Intensity: 43 W tonne"1
Reynolds Number: 280 
Tuyère Blowing Rate: 1 L min”1
Figure G - 2 Results from test 609.
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A P P E N D I X  G
M od el #2: E xam p les o f  th e R a w  d ata  fro m  exp erim en ts
Figure G -1  Results from test 485.
Mixing Intensity: 35 W tonne
Reynolds Number: 280 
Tuyère Blowing Rate: 0 L min'1
Result from Test 609
Mixing Intensity: 43 W tonne
Reynolds Number: 280 
Tuyère Blowing Rate: 1 L m in1
F ig u r e  G  - 2 Results from test 609.
133
A P P E N D I X  G
M o d el #2: E x a m p les  o f  th e R aw  data from  exp erim en ts
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Figure G - 3 Results from test 641.
Mixing Intensity: 43 W tonne'1
Reynolds Number: 280 
Tuyère Blowing Rate: 2 L min'1
A PPEND IX H
Specifications for the National Semiconductor LM 335 Sensors
Four LM 335 integrated circuit temperature sensors were used to measure the 
temperature profiles of the thermal tracer as it flowed along the refining arm with the 
bulk fluid. The important features and specifications are outlined below.
Features’.
•  Directly calibrated in Kelvin.
• Operates in the 400 pA to 5 mA current range.
• Operates over the temperature range -40 °C to 100 °C.
• Easily calibrated.
Specifications:
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